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Produced waters (PW) generated in the oil and gas industry within the United States often 
contain extreme levels of total dissolved solids (TDS).  These high TDS waste streams need to be 
treated cost-effectively as the costs associated with the current management techniques can exceed 
15 USD per barrel of discharged PW.  Thermally and osmotically-driven membrane separation 
technologies can show promising potential for treating high TDS waste streams, as onsite low-
grade waste heat may be used for their operation.  In this dissertation, the application of membrane 
distillation (MD), forward osmosis (FO) and a hybrid FO-MD process for treating synthetic and 
actual high TDS PW is investigated.  The aim is to maximize water recovery and minimize the 
high TDS sludge volume. 
A number of commercially available hydrophobic membranes with varying properties have 
been extensively characterized and tested in a bench-scale MD system.  A bulk membrane 
structural parameter has been defined and used to identify membranes that display the highest 
permeate fluxes.  Then, the maximum achievable brine concentration for higher flux membranes 
was determined.  When treating actual PW feed streams, which contain not only high TDS, but 
also dissolved organics, surfactants and low surface tension contaminants, pretreatment of the feed 
is essential to suppress the onset of membrane fouling.  In this study, the feasibility of 
electrocoagulation (EC) followed by MD is investigated.  EC was reported effective in mitigating 
fouling during MD. 
FO is another emerging membrane-based separation technology that could find niche 
applications in the treatment of oil and gas PW.  Here, the feasibility of treating hydraulic 
fracturing PW using a combined EC-FO process has been investigated.  EC is shown to be effective 
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for removing suspended solids and organic compounds which foul the membrane during FO.  By 
accounting for internal and external concentration polarization as well as fouling, the expected FO 
flux may be determined.  Finally, we have studied hybrid FO-MD system and shown that this 
process integration can combine the advantages of both processes; low fouling tendency and high 
quality permeate.  The actual treatment used, EC-MD, EC-FO or EC-FO-MD will depend on the 





First and foremost, I would like to express my sincere gratitude to my advisor Prof. Ranil 
Wickramasinghe for the continuous support of my Ph.D. study and research, for his patience, trust 
and immense knowledge.  I appreciate all his contributions of time, ideas, and funding to make my 
Ph.D. experience productive.  I could not have imagined having a better advisor and mentor for 
my Ph.D. study.  I also would like to thank my committee members, Dr. Wen Zhang, Dr. Lauren 
Greenlee, Dr. Xianghong Qian and Dr. Jamie Hestekin along with all other professors in the Ralph 
E. Martin Department of Chemical Engineering for their advice and help along the way.  In 
addition, I need to thank all members of my research group for their help. 
The membrane characterization studies discussed in this dissertation would not have been 
possible without the high quality SEM and EDX analysis from the Arkansas Nano-Bio Materials 
Characterization Facility.  I have appreciated the collaboration from Dr. Mourad Benamara, Dr. 
Liu and Dr. Sengupta for their help with the above-mentioned analysis.  In addition, I would like 
to thank Mr. Kamaz and Mr. Chaio for their help during membrane distillation and forward 
osmosis experiments.  Moreover, I would like to thank Dr. Vu for his help with AFM, contact 
angle and FTIR measurements. 
Raw and treated produced waters have been extensively characterized and discussed in this 
dissertation.  All these efforts could not have been possible without the help form Arkansas Water 
Resources Center, University of Arkansas staff.  In specific, my sincere acknowledgement goes to 
Mr. Keith Trost and Ms. Jennifer Purtle for conducting the water analysis experiments and 
preparing the reports.  I would also like to thank Mr. George Fordyce for all his technical supports 
in establishment of the experimental setups.  
iv 
 
I gratefully acknowledge the funding sources that made my Ph.D. work possible.  I was 
funded by Southwestern Energy through the National Science Foundation Industry/University 
Cooperative Research Center for Membrane Science, Engineering and Technology, the National 
Science Foundation and the University of Arkansas.  I also would like to appreciate the industrial 
mentorship received from Mr. Peter Fyfe, Mrs. Dianne Lincicome, Mr. Derk Dehn, Mr. Uwe 
Beuscher and Mr. John Askegaard. 
Lastly, I would like to thank my family for all their love and encouragement. For my 
parents who raised me with a love of life and for my brother Mazyar who supported me in all my 
pursuits, and most of all for my loving, supportive, encouraging, and patient wife Negin whose 
faithful support during this Ph.D. is so appreciated. Thank you. 
Kamyar Sardari 
Ralph E. Martin Department of Chemical Engineering 










To my father, who sacrificed his life for a better world 
To my beloved mother, a strong soul who taught me to believe in hard work 
To Mazyar, my brother and my best friend, for his unending support 









Table of Content 
Chapter 1. Introduction ............................................................................................................... 1 
1.1. Membrane Separation ....................................................................................................... 4 
1.2. Membrane Distillation ....................................................................................................... 5 
1.2.1. Mass Transfer in Membrane Distillation ....................................................................... 7 
1.2.2. Heat Transfer in Membrane Distillation ........................................................................ 9 
1.3. Forward Osmosis.............................................................................................................. 11 
1.3.1. Mass Transfer in Forward Osmosis ............................................................................. 13 
1.4. Integrated Forward Osmosis-Membrane Distillation .................................................. 14 
1.5. Membrane Fouling and Pretreatment............................................................................ 15 
1.5.1. Electrocoagulation ....................................................................................................... 16 
1.6. Research Objectives ......................................................................................................... 18 
1.6.1. Membrane Distillation Studies .................................................................................... 18 
1.6.2. Forward Osmosis Studies ............................................................................................ 19 
1.6.3. Integrated Forward Osmosis-Membrane Distillation .................................................. 19 
Symbols .................................................................................................................................... 20 
References ................................................................................................................................ 21 
Chapter 2. Selecting Membranes for Treating Hydraulic Fracturing Produced Waters by 
Membrane Distillation ................................................................................................................ 26 
Abstract .................................................................................................................................... 26 
2.1. Introduction ...................................................................................................................... 26 
vii 
 
2.2. Material and Methods ...................................................................................................... 30 
2.2.1. Bulk Membrane Properties .......................................................................................... 30 
2.2.1.1. Porosity ................................................................................................................. 31 
2.2.1.2. Thickness .............................................................................................................. 32 
2.2.1.3. Tortuosity .............................................................................................................. 32 
2.2.1.4. Liquid Entry Pressure (LEP) ................................................................................. 33 
2.2.2. Membrane Surface Properties ..................................................................................... 34 
2.2.2.1. Contact Angle ....................................................................................................... 34 
2.2.2.2. Atomic Force Microscopy (AFM) ........................................................................ 34 
2.2.3. Direct Contact Membrane Distillation ........................................................................ 34 
2.3. Results and Discussions ................................................................................................... 37 
2.4. Conclusion ......................................................................................................................... 48 
Acknowledgements .................................................................................................................. 49 
References ................................................................................................................................ 49 
Chapter 3. Combined Electrocoagulation and Membrane Distillation for Treating High 
Salinity Produced Waters........................................................................................................... 53 
Abstract .................................................................................................................................... 53 
3.1. Introduction ...................................................................................................................... 53 
3.2. Theory ............................................................................................................................... 57 
3.2.1. Mass Transfer in MD ................................................................................................... 57 
3.2.2. MD Flux Prediction ..................................................................................................... 59 
3.2.3. EC ................................................................................................................................ 59 
viii 
 
3.3. Materials and Methods .................................................................................................... 60 
3.3.1. HFPW: Source and Characterization ........................................................................... 60 
3.3.2. Pretreatment ................................................................................................................. 61 
3.3.3. MD Membrane ............................................................................................................ 62 
3.3.4. DCMD Test System..................................................................................................... 62 
3.3.5. DCMD Experiments .................................................................................................... 64 
3.3.6. Membrane Characterization Tests ............................................................................... 65 
3.3.6.1. Scanning Electron Microscopy (SEM) and Energy-dispersive X-ray Spectroscopy 
(EDX) ................................................................................................................................. 65 
3.3.6.2. Contact Angle ....................................................................................................... 66 
3.3.6.3. LEP ....................................................................................................................... 66 
3.4. Results and Discussion ..................................................................................................... 66 
3.4.1. HFPW Characterization Results .................................................................................. 66 
3.4.2. EC Pretreatment ........................................................................................................... 68 
3.4.3. DCMD Results ............................................................................................................ 70 
3.4.3.1. Baseline Experiments with Synthetic Feed........................................................... 70 
3.4.3.2. DCMD Experiments with Raw HFPW ................................................................. 74 
3.4.3.3. DCMD with EC Pretreated HFPW ....................................................................... 75 
3.4.4. Modified Flux Prediction............................................................................................. 79 
3.4.5. Long-term EC - DCMD Experiment ........................................................................... 80 
3.5. Concluding Remarks ....................................................................................................... 82 
Acknowledgements .................................................................................................................. 83 
Appendix A. ............................................................................................................................. 83 
ix 
 
References ................................................................................................................................ 90 
Chapter 4. Aluminum Electrocoagulation Followed by Forward Osmosis for Treating 
Hydraulic Fracturing Produced Waters ................................................................................... 96 
Abstract .................................................................................................................................... 96 
4.1. Introduction ...................................................................................................................... 96 
4.2. Theory ............................................................................................................................. 100 
4.2.1. Mass Transfer in FO System ..................................................................................... 100 
4.2.2. EC .............................................................................................................................. 106 
4.3. Experimental................................................................................................................... 107 
4.3.1. Produced Water ......................................................................................................... 107 
4.3.2. EC .............................................................................................................................. 108 
4.3.3. Forward Osmosis Membrane ..................................................................................... 109 
4.3.4. Forward Osmosis Setup ............................................................................................. 109 
4.3.5. FO Experiments ......................................................................................................... 111 
4.3.6. Scanning Electron Microscopy (SEM) ...................................................................... 112 
4.4. Results and Discussion ................................................................................................... 113 
4.4.1. Produced Water Characterization .............................................................................. 113 
4.4.2. EC Performance ......................................................................................................... 114 
4.4.3. FO Performance ......................................................................................................... 118 
4.4.3.1. DI Water Feed ..................................................................................................... 118 
4.4.3.2. FO Experiments with Synthetic, Raw and Pretreated Produced Water .............. 120 
4.4.4. Effect of Draw Solution Concentration on FO Performance .................................... 123 
x 
 
4.4.5. Effect of EC Pretreatment on Water Recovery ......................................................... 125 
4.5. Conclusion ....................................................................................................................... 128 
Acknowledgements ................................................................................................................ 128 
References .............................................................................................................................. 129 
Chapter 5. Integrated Electrocoagulation - Forward osmosis – Membrane Distillation 
System for Sustainable Water Recovery from Hydraulic Fracturing Produced Water .... 134 
Abstract .................................................................................................................................. 134 
5.1. Introduction .................................................................................................................... 134 
5.2. Summary of Theoretical Background .......................................................................... 139 
5.2.1. Electrocoagulation ..................................................................................................... 139 
5.2.2. Forward Osmosis ....................................................................................................... 140 
5.2.3. Membrane Distillation ............................................................................................... 141 
5.3. Experimental................................................................................................................... 142 
5.3.1. Produced Water Samples ........................................................................................... 142 
5.3.2. Electrocoagulation ..................................................................................................... 143 
5.3.3. Membranes ................................................................................................................ 144 
5.3.4. Membrane Separation Setup ...................................................................................... 145 
5.3.5. Forward Osmosis ....................................................................................................... 146 
5.3.6. Membrane Distillation ............................................................................................... 147 
5.3.7. Scanning Electron Microscopy (SEM) and Energy-dispersive X-ray Spectroscopy 
(EDX) .................................................................................................................................. 148 
5.4. Results and Discussion ................................................................................................... 148 
xi 
 
5.4.1. Wastewater Characterization ..................................................................................... 148 
5.4.2. Electrocoagulation Performance ................................................................................ 150 
5.4.3. Bassline Experiments ................................................................................................ 152 
5.4.4. Actual Forward Osmosis-Membrane Distillation Runs ............................................ 156 
5.4.5. Long-term EC-FO-MD .............................................................................................. 159 
5.5. Conclusion ....................................................................................................................... 165 
Appendix A ............................................................................................................................ 166 
References .............................................................................................................................. 168 
Chapter 6: Conclusions and Future Directions...................................................................... 174 
6.1. Conclusions ..................................................................................................................... 174 





List of Published Papers 
Chapter 2 (Published): M. Malmali, P. Fyfe, D. Lincicome, K. Sardari, S.R. Wickramasinghe, 
Selecting Membranes for Treating Hydraulic Fracturing Produced Waters by Membrane 
Distillation, Separation Science and Technology, 52 (2017) 266–275. 
Chapter 3 (Accepted): K. Sardari, P. Fyfe, D. Lincicome, S.R. Wickramasinghe, Combined 
Electrocoagulation and Membrane Distillation for Treating High Salinity Produced Waters, 
Journal of Membrane Science.  
Chapter 4 (Published): K. Sardari, P. Fyfe, D. Lincicome, S.R. Wickramasinghe, Aluminum 
Electrocoagulation Followed by Forward Osmosis for Treating Hydraulic Fracturing Produced 
Waters, Desalination, 428 (2018) 172–181. 
Chapter 5 (Under preparation): K. Sardari, P. Fyfe, S.R. Wickramasinghe, Integrated 
Electrocoagulation, Forward Osmosis and Membrane Distillation Processes for Water Recovery 




Chapter 1. Introduction 
The significance of oil and natural gas in modern civilization is well known.  Nevertheless, 
like most production activities, oil and gas extraction and production activities generate large 
volumes of waste streams.  Oil and gas field wastewater or produced water (PW) contains a wide 
range of organic and inorganic components [1].  Discharging PW can pollute surface water as well 
as underground water and soil.  On the other hand, due to the generation of large volumes of PW, 
many countries are increasingly focusing on efforts to find efficient, environmentally friendly and 
cost-effective treatment methods to remove pollutants as a way to supplement their limited fresh 
water resources.  Reuse and recycling of PW include underground injection to increase oil and gas 
production, use for irrigation, livestock or wildlife watering and habitats, and various industrial 
uses (e.g., dust control, vehicle washing, power plant makeup water, and fire control) as well as 
ground water recharge for direct potable water reuse [2,3]. 
The physical and chemical properties of PW vary considerably depending on the 
geographic location of the field, the geologic formation from where the water is produced, and the 
type of hydrocarbon product being produced.  For those sites where water flooding is conducted, 
the properties and volumes of the PW may vary dramatically due to the injection of additional 
water into the formation to increase hydrocarbon production.  In general, the major constituents of 
concern in PW can be categorized as following [3,4]: 
 Salt content, often expressed as salinity or total dissolved solids (TDS) 
 Oil and grease (O&G), various organic compounds associated with hydrocarbons 
in the formation 
 Inorganic and organic compounds introduced as chemical additives to improve 
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drilling and production operations 
 Naturally occurring radioactive material.   
Treatment of PW has the potential to lead to a valuable product rather than a waste.  The 
general objectives for operators for treating PW are as follows [5]: 
 De-oiling: removing dispersed oil and grease 
 Soluble organics removal 
 Suspended solids (SS) removal 
 Disinfection 
 Desalination: removing TDS 
 Softening: removing excess water hardness  
Induced and diffused gas flotation technologies are widely used for dispersed oil removal from 
PW [6–8].  Adsorption and filtration techniques are often used for soluble organic compounds 
removal [9].  Sedimentation and floatation methods can be used to remove SS from PW streams.  
Disinfection is normally performed using chemicals (e.g. chlorine gas) and ultra-violet (UV) 
treatment [10].  Ion-exchange as well as precipitation are most widely used PW softening methods 
[11]. 
The rapid rise of shale gas development through horizontal drilling and high volume 
hydraulic fracturing has expanded the extraction of hydrocarbon resources in the United States 
(U.S.) [12].  The U.S. Energy Information Administration estimates that about 15.8 trillion cubic 
feet (Tcf) of dry natural gas was produced directly from shale and tight oil resources in the U.S. in 
2016, an increase from 0.3 Tcf in 2000 [13,14].  Hydraulic fracturing process generates large 
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quantities of PW that needs to be managed efficiently and economically to ensure sustainable 
development of unconventional extraction industry [15].  The management and disposal of these 
PWs is one of the greatest challenges associated with unconventional oil and gas development.  
Currently, hydraulic fracturing produced water (HFPW) is the largest wastewater stream produced 
in oil and gas industry within the U.S. [12].   
Development of cost effective methods to manage these high TDS PWs is of crucial 
importance.  Many separate and combined physical, chemical, biological and thermal methods are 
proposed for PW treatment.  However, among the treatment objectives, removing TDS has 
historically been the most challenging step.  Currently, deep-well injection is the primary means 
of management for high salinity PWs, such as HFPW.  However, in many areas where oil and gas 
production will be abundant, deep-well injection sites are not available [4].  Current practice for 
oil and gas production companies is to transport the high salinity PW to deep-well injection sites 
using commercial trucks.  This process could cost up to 10 to 15 USD per barrel of PW [15].  In 
addition, U.S geological survey (USGS) has recently revealed that fracking is not causing most of 
the induced earthquakes and the wastewater disposal through deep-well injection is the primary 
cause of the recent increase in earthquakes in the central U.S. [16].  Therefore, there is an urgent 
need for novel processes to eliminate or minimize the deep-well injection. 
The volume and dissolved solids content of HFPW of a well depends on a number of factors 
including: the geographical location, geological formation, well depth and time following 
hydraulic fracturing [17,18].  Kondash et al. [19] has estimated the median volume of HFPW to 
range from 1.7 to 14.3 million L per well over the first 5–10 years of production.  The TDS of 
HFPWs can vary from 650 to 400,000 mg L-1 [20].   
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1.1. Membrane Separation 
A membrane is defined as a barrier that facilitates transport of targeted materials and 
restricts transport of unwanted species.  A membrane can be homogenous or heterogeneous, 
symmetric or asymmetric in structure, can carry a surface charge or be neutral and can be made of 
organic (e.g. polymeric) and inorganic (e.g. ceramic) materials.  Transport through a membrane 
may take place by convection or diffusion of individual compounds.  The driving force for mass 
transfer across a membrane can be stablished by concentration, pressure or temperature gradient 
or even by an electric field [21].  Compared to conventional separation techniques, membranes 
can offer a simple, easy-to-operate, low-maintenance process with minimal use of added 
chemicals.  In addition, membrane processes can be readily scaled up considering their modular 
design.  In the past two decades, membrane-based separation technologies have been increasingly 
used for a wide range of applications. 
Membrane-based separation technologies such as microfiltration (MF), ultrafiltration (UF) 
and nanofiltration (NF) are routinely used for treatment of various wastewaters [22].  MF and UF 
are not usually used for TDS removal due to their relatively large pore sizes.  RO and NF are 
frequently used for water recovery from saline wastewaters.  RO is used for desalination of 
seawater to produce drinking water [23].  NF and RO are very effective and applicable desalination 
process for treatment of low TDS waters (NF: TDS <15,000 mg L-1, RO: TDS <47,000 mg L-1) 
[24].  However, RO and NF can achieve only moderate water recovery for high TDS 
concentrations due to very high feed pressure required to overcome the osmotic back-pressure.  In 
addition, membrane fouling and scaling are primary concerns when operating NF and RO systems 
[25].  The feed water requires rigorous pre-treatment to prevent fouling of the NF/RO membrane 
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[25,26]. Many new processes involving osmotically and thermally driven membrane technologies 
are being investigated for desalination of highly impaired wastewaters [23,27]. 
In our studies, we will investigate the potential of membrane-based separation processes 
for treatment of high TDS HFPW streams.  The overall goal of this work is to develop a cost-
effective membrane-based process that leads to a very high TDS concentrate and a clean effluent.  
We will investigate three promising technologies: 
 Membrane Distillation (MD) 
 Forward Osmosis (FO) 
 Integrated FO-MD 
1.2. Membrane Distillation 
Treatment of very high TDS streams is possible using distillation technologies.  MD is a 
very promising technology for treating high TDS wastewater streams [27].  MD is a physical 
separation process whereby the separation takes place by means of a vapor pressure gradient across 
a microporous hydrophobic membrane.  The vapor pressure difference across the membrane is the 
driving force for vapor transport [28].  A number of methods have been employed to establish the 
driving force across the MD membrane and each method has led to a specific MD configuration.  
The permeate side of the MD membrane may consist of a condensing liquid in direct contact with 
the microporous membrane (DCMD), a sweeping gas stream (SGMD), a cold condensing surface 
separated by an air gap (AGMD), or a vacuum (VMD).  In the most common arrangement of MD, 
DCMD, the hot saline feed is passed on one side of a hydrophobic microporous membrane.  The 
membrane acts as a thermal insulator as well as a physical barrier between the hot feed and the 
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cold distillate that flow on opposite side of the membrane.  Water and other volatile components 
vaporize from the hot feed, pass through the membrane pores and condense on the distillate side.  
Here, we focus on DCMD configuration.  Figure 1 illustrates the concept of DCMD for water 
recovery from PW. 
 
Figure 1. DCMD concept.  
 
The nature of the driving force in MD, in synergy with the water repellent characteristic of 
the hydrophobic MD membrane, allows for the complete rejection of non-volatile solutes such as 
cations, anions, organic macromolecules, colloidal species, etc.  Unlike RO, the efficiency of vapor 
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transport and water recovery is not significantly affected by feed salinity.  Further, lower 
temperatures and pressures with respect to those usually used in conventional distillation columns 
are generally sufficient to establish considerable transmembrane fluxes, with consequent reduction 
of energy costs and mechanical requirements of the membrane.  Typical MD feed water 
temperatures vary in the range of 35 – 70 ⁰C, thus permitting the efficient recycle of low-grade or 
waste heat streams, as well as the use of alternative energy sources (solar, wind, geothermal, etc.).  
In addition, the possibility of using plastic equipment also reduces or avoids erosion problems 
[29,30].   
1.2.1. Mass Transfer in Membrane Distillation 
Mass transport in MD can be described using the dusty gas model in terms of series 
resistances upon transfer between the bulks of two phases contacting the membrane according to 
an electrical analogy [31].  Figure 2 presents the possible mass transfer resistances across a 
hydrophobic membrane in MD.  Mass transfer boundary layers could result in a substantial 
contribution to the overall mass transfer resistance. However, molecular and Knudsen diffusion 
across the membrane often represents the dominant resistance.  The mass transfer resistances 
within the membrane thickness are associated with molecular, Knudsen and surface diffusion 
mechanisms as well as viscous transport [32]. 
A number of models have been developed in the literature in order to describe the MD 
mass transfer [33].  The differences between these models may be linked to the arrangement of the 
transport resistances in the analog circuit.  In most cases, one or more of the resistances may be 
eliminated.  As an example, in most VMD systems the number of molecule-molecule collisions is 
negligible compared to the number of molecule-pore wall collisions, as the average pore size of 
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the membrane is often significantly smaller than the mean free path of water vapor molecules.  
Thus, the molecular diffusion may be eliminated and VMD may be modeled as a Knudsen 
diffusion limited process.  In addition, resistance to mass transfer on the distillate side can be 
omitted in VMD.  This resistance is also neglected when MD operates with pure water as distillate 
stream in DCMD mode. 
For hydrophobic MD membranes with air-filled pores in the range of 0.1 to 0.5 µm, 
molecule-pore wall collisions can happen as frequently as molecule-molecule collisions, and the 
Knudsen resistance along with molecular resistance may be considered as dominating mass 
transfer resistances, while for smaller pore sizes (e.g. < 0.05 µm), molecule-pore wall collisions 
mostly occur and Knudsen diffusion will be dominant.  As can be seen, a pathway for surface 
diffusion is shown in Figure 2, but this mechanism is considered negligible in MD as the surface 




Figure 2. Mass transfer in MD according to circuit electrical analogy. 
 
1.2.2. Heat Transfer in Membrane Distillation 
In general, the relations between heat and mass transfer are described in terms of a number 
of resistances starting from the boundary layers and through the membrane itself [35]. Figure 3 
illustrates the heat transfer resistance across a hydrophobic MD membrane using electrical circuit 
analogy.  Analogous to the case of mass transfer, simplifications deriving from the possibility to 
omit one or more resistances can be made for specific MD configurations.   
The heat transport across the MD membrane takes place according to heat conduction 
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across the membrane material as well as the latent heat flow associated with the mass flux [36].  
Heat transfer across the boundary layers is often recognized as the rate-limiting step in MD mass 
flux since heat must be supplied to the feed surface of the MD membrane in order to vaporize the 
water.  A number of efforts have been considered regarding minimization of the external boundary 
layer resistances including use of spacers as well as turbulent flow [37].  The magnitude and impact 
of boundary layer resistances is commonly described using temperature polarization phenomena, 
whereby the bulk temperature on the feed and distillate side of the membrane differ from the 
temperature at the membrane surface.  Boundary layer heat transfer coefficients are usually 
estimated using empirical correlations (e.g. Sieder-Tate correlation) [38].  
 
Figure 3. Heat transfer in MD according to circuit electrical analogy. 
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1.3. Forward Osmosis 
FO has also been proposed as a new membrane-based separation technology for treating 
high salinity PWs [39].  Osmosis is defined as the net movement of water across a semi-permeable 
membrane driven by a difference in osmotic pressure across the membrane [40].  In FO, a draw 
solution, having a significantly higher osmotic pressure than the feed, flows on the permeate side 
of the membrane.  Due to the osmotic pressure gradient, water flows from the feed to the draw 
solution.  Using dense non-porous membranes with rejection properties similar to RO membranes, 
the feed solution is concentrated and the draw solution diluted [40,41].  The advantages of FO 
include a high rate of water recovery, minimization of brine discharge, low fouling and low energy 
consumption [42].  However, the viability of FO depends on efficient regeneration of the draw 
solution.  The availability of low-grade waste heat during oil and gas extraction and production 
activities provides the possibility of using a thermolytic salt such as sodium bicarbonate, as a draw 




Figure 4. FO concept.  
 
The concept of using FO for seawater desalination was introduced decades ago.  However, 
most efforts in the FO area were ended soon due to the followings: (1) ineffective semi-permeable 
membranes, which are the heart of desalination systems, (2) lack of effective draw solutes for 
desalination, and (3) elevated costs associated with draw solution regeneration [43].  FO has been 
investigated in a wide range of applications in three general areas: water, energy and life sciences.  
These applications include water desalination, wastewater treatment, power generation and food 
processing.  Here, we focus on the application of FO for treatment of high salinity produced waters. 
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1.3.1. Mass Transfer in Forward Osmosis 
Water transport in osmotic-driven membrane processes takes by diffusion of water 
molecules through a semi-permeable salt-rejecting membrane.  This transport is driven by the 
osmotic pressure difference across the FO membrane.  Figure 5 shows a conceptual illustration of 
mass transfer across a semi-permeable FO membrane.  In this figure, Δπ represents the osmotic 
pressure difference across the membrane, while C represents the solute concentration at each 
location.  As can be seen in Figure 5, the osmotic pressure difference across the active layer is 
much lower than the bulk osmotic pressure difference.  This deference can result in much lower 
permeate flux than expected [25,44].  The diminished permeate flux is often related to a number 
of membrane-associated transport phenomena; Specifically, internal and external concentration 
polarization [45]. 
In pressure-driven and osmotic-driven membrane processes, convective permeate flow 
leads to solute build-up on the active layer of the membrane.  This behavior is referred to as 
concentrative external concentration polarization.  At the same time, the draw solution is being 
diluted at the permeate side of the membrane by the permeating water.  This is referred to as 
dilutive external concentration polarization [40].  FO membranes are often composite or 
asymmetric membranes consisting of a dense active layer and a porous support.  As water 
permeates across the active layer of the FO membrane, the draw solution within the porous support 
becomes diluted and creates a different type of polarization referred to as dilutive internal 
concentration polarization.  Both concentrative and dilutive external concentration polarization as 
well as internal concentration polarization within the membrane support affect the water flux 




Figure 5. Mass transfer in FO. 
 
1.4. Integrated Forward Osmosis-Membrane Distillation 
The integrated FO-MD system is a membrane-based hybrid technology [46].  During the 
operation of the FO process, the concentration of draw solution decreases due to dilution; thus, the 
driving force decreases with the operational time.  MD has great potential to be integrated with FO 
as it can offer complete rejection of nonvolatile substances in the feed solution.  In addition, the 
efficiency of the MD process is relatively independent of salt concentration in the feed solution.   
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In a FO-MD hybrid system, the FO section draws water from the feed solution, while the 
MD process re-concentrates the diluted draw solution and produces pure water.  The integration 
of FO and MD processes combines the strengths of both processes and can provide high permeate 
quality (produced by MD) and low fouling tendency.  So far, only a limited number of studies on 
FO-MD have been reported for solution concentration and wastewater treatment [47,48].  The 
current investigation aims to demonstrate the feasibility and stability of the hybrid FO-MD process 
in water recovery from high salinity PW streams.  Figure 6 shows the concept of integrated FO-
MD process. 
 
Figure 6. Integrated FO-MD process concept.  
 
1.5. Membrane Fouling and Pretreatment 
All membrane processes suffer from fouling.  Fouling is one of the main limitations to 
faster development of membrane-based processes.  Membrane fouling is characterized as a 
reduction of permeate flux as a result of increased flow resistance [49].  Fouling is mainly caused 
by adsorption of organic material on the membrane surface and/or pore blocking, and by inorganic 
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scaling due to the precipitation of minerals [50].  The likelihood of each one of these fouling 
mechanisms depends on a number of factors including the nature of the driving force, membrane 
characteristics, membrane material, operating conditions, etc.  While the immediate effect of 
fouling is to cause a reduction in permeate flux, the long-term effects may lead to irreversible 
fouling and the reduction of membrane lifetime [51,52].  Various techniques can be used to reduce 
membrane fouling including backwashing, air sparing, chemical cleaning and feed pretreatment 
[53]. 
Numerous pretreatment processes have been considered prior to membrane filtration [51].  
Biological pretreatment is impractical for treating HFPWs due to long retention times and the low 
biodegradability of most of the contaminants [54].  Coagulation, adsorption, preoxidation and 
prefiltration are among the most popular pretreatment methods prior to membrane filtration [55].  
Chemical pretreatment such as coagulation is frequently used to remove colloidal and organic 
matter [55].  Here we focus on electrocoagulation (EC) for removal of colloidal and dissolved 
organic compounds that could foul the MD or FO membrane. 
1.5.1. Electrocoagulation 
EC is an electrochemical method for treating polluted water whereby sacrificial anodes 
(here we use aluminum) corrode to release active coagulant precursors into solution [56].  
Compared to chemical coagulation e.g. using alum, EC provides a number of advantages including 
simple equipment, easy operation, less maintenance, colorless and odorless effluent, low sludge 
production and efficient removal of colloidal particles.  Flocs formed by EC are similar to chemical 
flocs, except that EC flocs tends to be much larger, contain less bound water, are acid-resistant and 
more stable, and therefore, can be separated faster [57,58].  Further, in EC, there are no moving 
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parts; thus, requiring less maintenance compared to coagulation where efficient mixing is required.  
Use of electricity, which can be expensive in many places, and regular replacement of sacrificial 
electrodes are two major disadvantages of EC technology [57,59,60].  However, Kobya et al. [57] 
indicate that electrical energy consumption of EC decreases dramatically when the wastewater has 
higher conductivity due to the presence of dissolved salts.  In case of HFPW, the conductivity is 
high due to high TDS.   
In EC, sacrificial electrodes are utilized to release coagulant counter ions into solution using 
electricity.  The following electrode reactions occur at the anode, cathode and consequently, in the 
solution [61]: 
At the anode:   𝑀(𝑠) → 𝑀(𝑎𝑞)
𝑛+ + 𝑛𝑒−       (1) 
At the cathode:  2𝐻2𝑂 + 2𝑒
− → 2𝑂𝐻− + 𝐻2      (2) 
where M is the electrode metal material (usually Al or Fe).  Analogous to chemical coagulation, 
the metal and hydroxide ions form various monomeric species such as M(OH)(n-1)+ , M(OH)2
(n-2)+ 
and also polymeric species such as M6(OH)15
(6n-15)+ [62,63].  As the solution ‘ages’, polynuclear 
complexes develop and amorphous M(OH)n(s) forms in the solution, as given by the following 
general scheme, according to complex precipitation kinetics [57]: 
In solution:  𝑀(𝑎𝑞)
𝑛+ + 𝑛𝑂𝐻− → 𝑀(𝑐𝑜𝑚𝑝𝑙𝑒𝑥) → 𝑀(𝑂𝐻)𝑛(𝑠)   (3) 
Metal complexes eventually transform to solid M(OH)n(s) with a large surface area that can adsorb 
organic compounds, trap suspended particles and form flocs.  Finally, M(OH)n(s) flocs (with 
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adsorbed organics and colloidal particles) will polymerize and deposit according to the following 
reaction [64]: 
𝑥 𝑀(𝑂𝐻)𝑛 → 𝑀𝑥(𝑂𝐻)𝑥𝑛          (4) 
While the fundamental chemical basis for chemical coagulation (e.g. alum or ferric 
chloride coagulation) and EC are similar, EC has gained significant attention from many 
researchers due to its advantages including: reduced sludge production, lack of moving parts and 
added chemicals, ease of operation, minimal pH decrease (alkalinity consumption) and low 
operating costs [65–67].  EC also has the potential for treating oily wastewaters, where the 
presence of an electric current can contribute to the electro-coalescence of oil droplets [68].  We 
investigate the impact of PW pretreatment via EC prior to FO and MD for fouling mitigation and 
water recovery.  We design and develop an EC system as a pre-treatment operation. 
1.6. Research Objectives 
1.6.1. Membrane Distillation Studies 
Here, we screen and characterize a number of commercially available microporous 
hydrophobic membranes to be tested in MD system.  Using bulk membrane properties, we 
calculate a structural parameter that allows prediction of which membranes will display the highest 
permeate flux.  We investigate feed pretreatment and membrane regeneration regarding fouling 
mitigation in MD and run long-term MD experiments.  The following lists the objectives of the 
MD investigations: 
 Objective (1): Estimate performance of MD membranes using membrane properties. 
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 Objective (2): Determine the practical limit for the maximum TDS in the concentrate 
stream from MD. 
 Objective (3): Investigate application of MD for treating actual high TDS HFPW. 
 Objective (3): Investigate cleaning and EC-pretreatment strategies for fouling mitigation. 
 Objective (4): Develop cost curves for MD. 
1.6.2. Forward Osmosis Studies 
In this work, the performance of FO for water recovery from high TDS PW streams is 
evaluated.  We design and stablish a lab-scale FO system and carry out water recovery experiments 
with synthetic and real HFPW.  In addition, we simulate the FO process in MatLab and estimate 
the performance of the FO system using the developed code.  We introduce a new definition for 
water permeability coefficient to better model the FO water flux when the fouling layer forms on 
the membrane surface.  Moreover, we investigate the use EC pretreatment to mitigate fouling 
during FO.  In general, the following research objectives will be followed: 
 Objective (1): Investigate application of FO for treating HFPW. 
 Objective (2): Study effects of EC-pretreatment prior to FO. 
 Objective (3): Model FO system water flux for treating actual HFPW. 
1.6.3. Integrated Forward Osmosis-Membrane Distillation   
Here, we evaluate the application of the FO-MD process for treating synthetic and actual 
HFPWs samples obtained from Marcellus and Fayetteville shale.  We aim to demonstrate the 
feasibility and stability of the integrated FO-MD process in water recovery from these high salinity 
PW streams.  We show that this process integration can be used to systematically enhance and 
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reconcile various project objectives, such as cost effectiveness, recovery and energy efficiency.  
Followings lists the FO-MD research objectives: 
 Objective (1): Investigate application of FO-MD for treating HFPW. 
 Objective (2): Determine practical recovery rates in FO-MD. 
 Objective (3): Conduct cyclic experiments with hybrid FO-MD process. 
Symbols 
AGMD Air gap membrane distillation 
DCMD Direct contact membrane distillation 
EC Electrocoagulation 
FO Forward osmosis 
HFPW Hydraulic fracturing produced water 
Membrane distillation MD 
MF Microfiltration 
NF Nanofiltration 
O&G Oil and grease 
PW Produced water 
RO Reverse osmosis 
SS Suspended solids 
SGMD Sweep gas membrane distillation 
TDS Total dissolved solids 
UF Ultrafiltration 
UV Ultraviolent 
USGS United states geological survey 
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Chapter 2. Selecting Membranes for Treating Hydraulic Fracturing Produced Waters by 
Membrane Distillation 
Abstract 
 Membrane distillation is an emerging technology for treating highly impaired wastewaters.  
Here a number of commercial membranes have been tested.  Bulk membrane and surface 
properties have been determined.  Permeate flux has been determined using model 20,000 ppm 
NaCl feed streams.  A bulk membrane structural parameter has been defined.  The structural 
parameter is used to identify membranes that display the highest permeate fluxes.  These 
membranes were tested with 100,000 ppm NaCl solutions.  The maximum feed concentration was 
determined.  For model low-fouling feed streams, membrane surface properties such as 
hydrophobicity and roughness have less effect on permeate flux than bulk membrane properties.   
2.1. Introduction 
Water is a tremendously valuable natural resource.  Thus harnessing new water resources 
is of tremendous societal importance [1].  Produced water, water that is co-produced during oil 
and gas extraction, is a major source of oily water [2] Production of oil and gas from non-traditional 
sources such as tar sands, oil shale and coal bed methane has expanded greatly in recent years.  
Development of new horizontal drilling and hydraulic fracturing techniques has led to significant 
new energy resources [3]. Hydraulic fracturing produced waters are subset of produced waters 
which often have very high salinity.  The concentration of total dissolved solids (TDS) can be as 
high as 360,000 mg L-1, more than an order of magnitude higher than sea water [4].  Treatment of 
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these highly impaired wastewaters is a major challenge due to the presence of high TDS and 
organic contaminants [5]. 
Pressure driven membrane processes such as reverse osmosis are impractical for treating 
very high salinity wastewaters due to the high osmotic back pressure that must be overcome.  
Desalination technologies that are being investigated include: mechanical vapour compression[6], 
electrodialysis [7], ion-concentration-polarization desalination [8], forward osmosis [5], 
humidification-dehumidification [9] and membrane distillation [10,11].  Many emerging 
technologies such as electrodialysis, forward osmosis and membrane distillation make use of 
membranes. Here we focus on membrane distillation. 
Treatment of very high TDS feed streams is possible using distillation technologies.  
Membrane distillation is a very promising technology for treating high TDS produced water [12].  
The hot produced water flows on one side of a hydrophobic microporous membrane. The 
membrane acts as a thermal insulator as well as a physical barrier between the hot feed and the 
cold distillate that flow on opposite sides of the membrane.  Water vaporizes from the hot feed 
passes through the membrane pores and condenses on the distillate side [13].  The vapor pressure 
difference across the membrane is the driving force for vapor transport [14]. Unlike reverse 
osmosis, the efficiency of vapor transport is not significantly affected by the feed TDS.  Further 
low-grade heat, often a by-product of oil and gas production, can be used to heat the feed stream.  
Unlike conventional distillation it is not necessary to boil the entire feed.  As long as a vapour 
pressure gradient exists between the feed and permeate sides, water vapour will pass from the feed 
to the permeate through the gas filled membrane pores.   
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Several investigators have considered the use of membrane distillation to treat highly 
concentrated feed streams [15-17].  Because dissolved salts are nonvolatile very high TDS feed 
streams could be concentrated (in theory) to the solubility limit.  In practice, like all membrane 
based separation processes, fouling of the membrane by precipitation of dissolved salts as well as 
adsorption of organic species present in the wastewater will compromise membrane performance.  
Numerous membrane distillation configurations have been described [18-24].  Here we focus on 
direct contact membrane distillation where the microporous membrane is in direct contact with 
both feed and permeate streams. 
One of the major impediments for commercialization of membrane distillation is the lack 
of optimized membranes.  Maximizing permeate flux and minimizing fouling are essential when 
selecting a membrane.  In general, membranes should display high hydrophobicity, high porosity, 
a uniform pore size with a narrow distribution, low tortuosity and thickness in order to maximize 
permeate flux and minimize fouling [25].  Rao et al. [26] indicate that ideal membrane properties 
will depend on the particular application.  Here we focus on concentration of high TDS feed 
streams where fouling by dissolved organics as well precipitation of dissolved salts on the 
membrane surface are concerns.  The presence of surfactants can lead to a reduced surface tension 
of the feed.  These effects can lead to wetting of the membrane pores followed by direct passage 
of the feed through the membrane pores compromising performance [5, 19, 27].  Similar to 
pressure driven filtration processes, membrane performance depends on the interplay between feed 
properties, membrane properties and operating conditions [28]. Consequently, selection of an 
appropriate membrane for a membrane distillation process is complicated. 
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If the same feed and operating conditions are used to screen a variety of membranes, 
performance should depend only on the membrane properties.   Previous investigators have 
attempted to develop a bulk membrane structural parameter that can be used to predict membrane 
performance [18, 29, 30].   Rao et al. [26] have investigated the feasibility of developing a 
membrane structural parameter in order to predict the permeate flux during direct contact 
membrane distillation.  The structural parameter they proposed depends only on bulk membrane 
properties.  Thus, membrane surface properties such as hydrophobicity and roughness are assumed 
to be less significant.  However when treating high TDS feed streams, as is the case here, 
suppression of precipitation by salts and fouling by dissolved organics is likely to be dependent on 
membrane surface properties 
Here we have screened a number of commercially available microporous hydrophobic 
membranes.  We have characterized membrane surface as well as bulk properties.   Using bulk 
membrane properties we calculate a structural parameter that predicts which membranes will 
display the highest permeate flux.  Permeate fluxes were determined for all membranes using a 
model feed stream containing a 20,000 ppm (0.34 M) NaCl.  We have compared the observed 
permeate fluxes with values obtained for the structural parameter.  Importantly, we have 
experimentally validated the applicability of the structural parameter over a large range of 
membrane properties.  Next membranes that displayed the highest permeate fluxes were 
challenged with feed streams containing 100,000 ppm (1.7 M) NaCl.  The feed stream was 
concentrated until the permeate flux rose quickly with a concurrent rapid increase in conductivity 
of the permeate above 50 µS cm-1 indicating the passage of the feed through the membrane pores.  
Our results suggest a semi-quantitative method based on membrane bulk and surface properties, 
for selecting appropriate membranes for treating high TDS produced water streams. 
30 
 
2.2. Material and Methods 
2.2.1. Bulk Membrane Properties 
Table 1 lists the 13 commercially available membranes that were sourced from 3M 
(Maplewood, MN), EMD Millipore (Billerica MA), Pall Corporation (Port Washington, NY), and 
WL Gore Associates (Newark, DE).  As can be seen a range of membrane materials, ethylene 
chlorotrifluoroethylene (ECTFE), polypropylene, polyvinylidene fluoride (PVDF), 
polytetrafluoroethylene (PTFE) as well as superhydrophobic PVDF have been tested. 
Table 1. Membranes tested in this study 
Membrane Material Density (g cm-3) Comment 
PP-A 
Polypropylene 0.9 [31] 
Non-supported. Provided by 3M 
PP-B 
PP-C 
ECTFE ECTFE 1.68 [32] 
PTFE-A PTFE  2.17 [33] 
Contains polystyrene support, 
provided by Pall Corporation 
PTFE-B 
PTFE 2.17 [33] 


















The porosity of the barrier layer was determined using the method described by Nejati et 
al. [34].  Briefly, for the supported PTFE membrane (Table 1) the support was initially removed.  
An approximately 50 cm2 sample of each membrane was submerged in a 50 mL beaker filled with 
isopropanol.  The beaker was sonicated for 2 hours. The membrane surface was dried to remove 
the excess isopropanol. The membrane was placed on a balance and the change in weight was 
recorded as a function of time.  The point at which rate of evaporation changed was assumed to be 
the point where all the isopropanol on the membrane surface had evaporated and evaporation of 
isopropanol from the membrane pores commenced.  It was assumed that once the mass of the 
membrane did not change over a 30 min period, all the isopropanol in the membrane pores had 
















      (1) 
where Vtotal, Vpore, are the total membrane and membrane pore volume, ipa, membrane, are the 
densities of isopropanol and the membrane material, mipa, mmembrane are the weight of isopropanol 
in the membrane pores and the weight of the membrane respectively.  The density of isopropanol 
is 0.786 g cm-3 [34] while the densities of the various membrane polymers is given in Table 1.  The 
mass of the membrane and the mass of isopropanol in the membrane pores was determined by 





2.2.1.2. Thickness  
Scanning Electron Microscopy (SEM) using a Nova Nanolab 200 Duo-Beam Workstation 
(FEI, Hillsboro, Oregon) was used to obtain cross sectional images of the membranes.   Membranes 
were fractured using liquid nitrogen.  These images were used to determine the membrane 
thickness.   
2.2.1.3. Tortuosity 
Membrane tortuosity was determined by gas permeability measurements using the method 
described by Hwang et al. [35].  Briefly, the nitrogen flux across a 47 mm membrane disc was 
determined at a range of feed pressures (1-140 kPa).  A needle valve was placed on both sides of 
the filter holder (Pall Corporation) which contained the membrane disc in order to set the mean 
transmembrane pressure across the membrane at 1 kPa for the range of feed pressures tested.  
Assuming flow through various membranes is due to contributions from Knudsen diffusion and 

















) 𝛥𝑃         (2) 
in which N is the nitrogen flux (mol m-2 s-1), ε, rm, τ and δ are the membrane porosity, average pore 
size, tortuosity, and thickness respectively, R is the gas constant, M and η are the molecular weight 
and viscosity of nitrogen at the operating temperature T, and Pm and ΔP are the average pressure 
within the membrane pores and the transmembrane pressure respectively.  Since the 
transmembrane pressure is held constant Equation (2) may be written as 
𝑁 = 𝐴 + 𝐵 × 𝑃𝑚         (3) 
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Plotting nitrogen flux versus the average pressure within the pores should result in a straight line.  
If the thickness and porosity are known, then the average membrane pore size and tortuosity can 
be calculated.  
2.2.1.4. Liquid Entry Pressure (LEP)  
Liquid entry pressure was determined as described by Smolder and Franken[36].  Briefly 
the LEP of the 13 membranes tested here was measured using a Sterlitech HP4750 (Kent, WA) 
stainless steel cell at 20 ˚C.  The cell was filled with deionized water and pressurized to 13.8 kPa.  
The feed side pressure was gradually increased at 13.8 kPa min-1. The LEP is the pressure at which 
a continuous flow of DI water through the membrane is first observed.  Since water will begin to 
flow through the largest pores first, the Laplace Equation may be used to determine the maximum 
pore size: 
𝑑𝑚𝑎𝑥 =  
4𝛾 cos 𝜃
∆𝑃
   (6) 
where 𝑑𝑚𝑎𝑥  is the maximum pore diameter, γ is the surface tension of water (72.75 dyne cm
-1 at 
20 °C [37]) and θ is the contact angle.  Since the permeate side is at atmospheric pressure, the 
transmembrane pressure P, is the LEP. 
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2.2.2. Membrane Surface Properties  
2.2.2.1. Contact Angle 
Static contact angles were measured using a sessile drop contact angle goniometer (Model 
100, Rame-Hart Instrument Company, Netcong, NJ).  A deionized water droplet (5 μL) at a rate 
of 1 μL/s was formed on the tip of a microsyringe (Hamilton, Reno, NV). The microsyringe was 
moved down vertically towards the sample until it made the contact with the sample. Then, the 
syringe was moved up and detached from the droplet.   Using the circle fitting method, the angle 
made between the left and right hand side of the water droplet and the membrane surface was 
measured every 0.1 seconds. For each membrane, data were collected for 5 seconds at five 
locations and averaged. 
2.2.2.2. Atomic Force Microscopy (AFM)  
Surface roughness was characterized by AFM using a Dimension Icon (Bruker 
Corporation, MA) in ScanAsyst mode, was used to probe the roughness.  Bruker's ScanAsyst-
AIR probes (0.4 N/m, 2 nm radius) were used.  The scan rate was set for 1 Hz with a resolution of 
256 samples per line. After scanning, the image was first processed with a third order flatten with 
Bruker’s nanoscope analysis program (v 1.5 R3). Roughness was then calculated by the nanoscope 
analysis program. 
2.2.3. Direct Contact Membrane Distillation 
 All 13 membranes listed in Table 1 were tested using artificial feeds stream consisting of 
20,000 ppm NaCl in DI water, conductivity < 10 µS cm-1 and resistance > 18.5 MΩ obtained from 
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a Labconco (Kansas City, MO) water purification system.  Figure 1(a) gives the experimental set 
up while Figure 2(b) shows the custom-built DCMD module.  The module was made of 0.054 m 
thick PTFE slab.  Two channels with length and width of 0.1 and 0.05 m and depth of 2 mm were 
carved in each side of the cell.  PTFE shims and spacers (ET 8700, Industrial Netting, Minneapolis, 
MN) were used to ensure the brine and distillate streams mixed in the module and membrane does 
not deform when exposed to high flow rates.  Two silicone O-rings where located on the edge of 
the channels, and the cell was sandwiched between two plates in a membrane holder, as shown in 
Figure 1(b).  The active membrane surface area was 40 cm2. 
The feed and permeate streams were circulated in countercurrent mode on opposite sides 
of the membrane by means of two peristaltic pumps (Masterflex I/P, Cole Parmer, Vernon Hills, 
IL).  Three feed flow rates; 0.25, 0.5 and 0.9 L min-1 were investigated.  The temperature of the 
feed and permeate streams was kept at 60 and 20 ̊C, respectively.  A custom-made level controlled 
tank with capacity of 1.5 liters was employed as the feed tank.  The level controller in this tank 
was connected to a third peristaltic pump (Masterflex L/S Digital Standard Drive, Cole Parmer).  
As permeate was collected in the permeate reservoir, the NaCl concentration in the feed tank 
increased.  In order to ensure a constant NaCl concentration in the feed, the third pump added DI 
water to the feed tank.  The permeate flux was calculated based on the rate of DI water addition to 
the feed tank.  The conductivity of the permeate was recorded using a conductivity meter (VWR, 
Radnor, PA).  Each test continued for approximately 12 hours and average water fluxes are 
reported. 
The membranes that displayed the highest fluxes for 20,000 ppm NaCl feed streams, were 
challenged with artificial 100,000 ppm NaCl stream.  The membranes were tested in concentration 
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mode where the make-up water added by the third pump also consisted of 100,000 ppm NaCl in 
DI water.  Each experiment was run until the conductivity of the permeate increased rapidly above 
50 S cm-1 with a concurrent rapid increase in permeate flux. 
  
 
Figure 1. (a) Schematic diagram of DCMD Apparatus; (b) DCMD cell; the cell is sandwiched 





2.3. Results and Discussions 
Tables 2 and 3 summarize the results from the various membrane characterization studies 
that have been conducted.  The membranes are listed in groups that correspond to the membrane 
polymer.  Within each group membranes are listed in order of increasing porosity.  All the 
membranes are highly porous with porosity values ranging from 0.69 to 0.81 (see table 2, column 
2).  In the porosity calculations it was assumed that the density of super-hydrophobic PVDF is the 
same as PVDF.  Since super-hydrophobicity involves modifying the membrane surface it is likely 
that these modifications have little influence on the bulk membrane polymer density. 
The second column in Table 2 gives the measured membrane thicknesses from cross-
sectional SEM analysis (see supporting documents for SEM images).  As can be seen the thickness 
of the membrane varies considerably from 13 to 145 µm.  The thickness reported for the supported 
PTFE membrane (PTFE-A) is the thickness of the PTFE barrier layer only and not the polystyrene 
support structure.  While the thickness of the PVDF membranes are similar, the thickness of the 
polypropylene and PTFE membranes show considerable variability. 


























PP-A 0.70 73 0.11 2.18 3370 2.84 540 
PP - B 0.76 135 0.16 6.13 4330 1.45 260 
PP - C 0.79 110 0.35 5.02 5970 1.29 280 
ECTFE 0.71 82 0.18 3.49 7400 3.29 330 
PTFE-A 0.77 36 0.20 3.33 13300 1.61 540 
38 
 


























PTFE-B 0.78 13 0.10 4.22 16300 3.67 365 
PTFE-C 0.81 73 0.25 5.84 7150 1.55 290 
PVDF-A 0.69 97 0.24 5.51 2880 2.47 225 
PVDF-B 0.71 119 0.63 12.89 2700 2.21 100 
SH-PVDF-A 0.69 91 0.14 2.61 2500 3.02 580 
SH-PVDF-B 0.69 110 0.22 4.39 3120 2.01 400 
SH-PVDF-C 0.7 105 0.64 6.50 2520 2.64 240 
SH-PVDF-D 0.72 112 1.30 12.62 2760 2.31 120 
Table 3. Membrane surface properties. 
Membrane Contact Angle (°) Rmax (nm) 
PP-A 127 274 
PP-B 135 404 
PP-C 142 546 
ECTFE 130 711 
PTFE-A 154 296 
PTFE-B 140 182 
PTFE-C 147 357 
PVDF-A 128 578 
PVDF-B 130 605 
SH-PVDF-A 139 774 
SH-PVDF-B 151 524 
SH-PVDF-C 140 504 




Mean membrane pore sizes, determined by gas permeation measurements as well as the 
maximum pore diameter measured by LEP measurements are given in columns 4 and 5 in Table 
2.  As can be seen, the maximum pore size is significantly greater than the average pore size 
indicating the existence of a pore size distribution.  The PVDF and superhydrophobic PVDF 
membranes (all membranes supplied by EMD Millipore) display an increasing average and 
maximum pore size with increasing porosity.  However, the same is not true for the polypropylene 
and PTFE membranes which also display considerable variability in thickness.  The observed 
differences are probably due to different manufacturing procedures used for the various 
polypropylene and PTFE membranes [38]. 
Columns 6 and 7 give the value of the bulk membrane structural parameter and the 
tortuosity.  The parameter  is often used as a structural parameter to describe bulk membrane 
properties.  As can be seen, there is significant variability in the structural parameter.  From Table 
2 the largest values of the membrane structural parameter are as follows: PTFE-B, 16,340; PTFE-
A 13,300; ECTFE, 7,400; PTFE-C, 7,150 and PP-C, 5970.  The very large values of the membrane 
structural parameters for PTFE-B and PTFE-A are due to their very low thickness.  All the 
membranes display tortuosity factors between 1.29 and 3.67.  The variability is greatest for the 
polypropylene and PTFE membranes again suggesting different manufacturing procedures for the 
various polypropylene and PTFE membranes.  
 Rao et al. [26] have summarized the many bulk membrane structural parameters that have 
been proposed for prediction of membrane fluxes.  Many of these bulk membrane structural 
parameters have been proposed by developing empirical correlations of membrane flux with bulk 
membrane properties such as thickness, tortuosity, porosity and average pore size.  However, three 
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commonly used bulk membrane structural parameters can be related to different mass transport 
mechanism through the membrane. 
 If convective flow dominates, the Hagen Poiseuille equation for laminar flow is often 
assumed.  The bulk membrane structural parameter that results from this equation is 
𝑟2𝜖
𝜏𝛿
  where r 
is the average pore radius.  If Brownian or Knudsen diffusion dominate the bulk membrane 






 respectively.  In the case of water vapor transport 
through microporous membranes, Brownian diffusion is expected to dominate [39].  Thus we have 
chosen to use the bulk membrane structural parameter 
𝜖
𝜏𝛿
  given in the 6th column of Table 1.  As 
can be seen the value of this parameter varies greatly from 2,500 to over 16,000.  The greater the 
porosity and the lower the thickness and tortuosity of the membrane, the greater the value of this 
structural parameter, and the greater the expected permeate flux, as a result.  It can be noted that 
the pore size of the membrane does not appear in the structural parameter as it is assumed that 
Brownian diffusion dominates.  Rao et al. [26] show that the structural parameter 
𝜖
𝜏𝛿
  gives one of 
the best correlations to experimental flux data.  However the correlation coefficient is only 0.71.  
This highlights the fact that use of a bulk membrane structural parameter has a number of implicit 
assumptions e.g. membrane surface properties are less important, the membrane pore size 
distribution is such that transport is dominated by Brownian diffusion etc. 
Tortuosity values show variations from about 1.29 to 3.67 (see table 2, column 7).  Cussler 
[40] indicates that typical tortuosity values range for 2 to 6.  Our results are in general agreement 
with this observation.  Tortuosity values for the PVDF and superhydrophobic PVDF membranes 
are similar while they vary considerably for the polypropylene and PTFE membranes.  This is not 
unexpected given the observed variation in thickness of these membranes. 
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The final column in Table 2 gives the LEP.  As expected, from Equation (2) lower liquid 
entry pressures correspond to larger maximum pore sizes.  While the membrane pore size does not 
appear in the bulk structural parameter, it will affect the onset of leakage of water through the 
pores as a result of fouling due to adsorption organics and dissolved salts.   
Table 3 gives data on membrane surface properties.  Membrane contact angles (column 2) 
vary from 127 to 154 indicating all the membranes are hydrophobic.  The superhydrophobic 
membranes display contact angles similar to the PTFE membranes.  Column 3 presents membrane 
roughness from analysis of the AFM images.  As can be seen a significant variation in roughness 
exists.  Changes in roughness for membranes made from the same polymer are most likely due to 
different manufacturing conditions.   
The permeate flux during membrane distillation using an artificial feed stream consisting 
of 20,000 ppm NaCl in DI water is given in Figures 2 to 4.  Figure 2 gives the variation of permeate 
flux with feed flow rate for the polypropylene and PVDF membranes, Figure 3 gives analogous 
results for the ECTFE and PTFE membrane while Figure 4 gives analogous results for the PVDF 
membranes.  Comparing Table 2 with Figures 2-4 indicates that in general the permeate flux 
increases with increasing values of the membrane structural parameter.  The lowest fluxes are 
observed for the PVDF and superhydrophobic PVDF membranes.  In general the bulk membrane 
structural parameter is lowest for these membranes.  Higher fluxes are observed for the PTFE and 
ECTFE membranes which also display a larger value of the structural parameter.  The 
polypropylene membranes are less consistent.  The structural parameter is larger than for the PVDF 
and superhydrophobic PVDF membranes but less than the PTFE and ECTFE membranes.  
However with the exception of PP-B, the observed fluxes are similar to the PTFE and ECTFE 
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membranes.   PP-B however displays a much lower flux than PP-A and PP-C.  Nevertheless the 
membranes with the largest value of the structural parameter: PTFE-B; PTFE-A; ECTFE, PTFE-
C, PP-C, also displayed the highest permeate fluxes.  Our results indicate that the structural 
parameter provides a semi-quantitative method for screening expected permeate fluxes. 
 
Figure 2. Variation of permeate flux with feed flow rate for polypropylene and PVDF membranes.  




Figure 3.  Variation of permeate flux with feed flow rate for ECTFE and PTFE and PVDF 
membranes.  The feed stream consisted of 20,000 ppm NaCl in DI water. 
 
Figure 4. Variation of permeate flux with feed flow rate for superhydrophobic PVDF membranes.   
The feed stream consisted of 20,000 ppm NaCl in DI water. 
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Figures 2-4 indicate the permeate flux increases with increasing feed flow rate.  The width 
of the feed channel is 0.05 m.  The density and viscosity for 20,000 ppm NaCl solution are 1.0108 
kg L-1 and 9.1828 x 10-4 Pas respectively [41].  Thus the feed Reynolds numbers are 100, 200 and 
370 for feed flow rates of 0.25, 0.5 and 0.9 L min-1 respectively.  It is expected therefore that the 
flow is laminar.  Given the low salt concentration in the feed, significant concentration polarization 
boundary layer effects are not expected on the feed side.  However temperature polarization due 
to the development of a thermal boundary layer is frequently observed in many membrane 
distillation configurations [18, 27]. Increasing the feed velocity will lead to an increase in the feed 
side heat transfer coefficient which in turn will lead to higher rates of water evaporation and hence 
higher observed permeate fluxes. 
The membranes that displayed the highest permeate fluxes: PTFE-B; PTFE-A; ECTFE, 
PP-C, PTFE-C, were challenged with 100,000 ppm NaCl solutions.  Figure 5 shows the variation 
of permeate flux with time for theses five membranes.  The membranes were tested until 
breakthrough.  Breakthrough was assumed to occur when both the conductivity and permeate flux 
increase rapidly.  Figure 6 indicates the breakthrough point for the ECTFE membrane.  As can be 
seen at breakthrough the permeate conductivity rises rapidly.  Table 4 gives the feed concentration 




Figure 5. Variation of permeate flux with permeate volume.  The initial feed concentration was 




Figure 6. Variation of permeate flux and conductivity with permeate volume.  Breakthrough 
occurs when a rapid increase in permeate flux and conductivity is observed.   
 
Table 4. Feed concentration at breakthrough 
Membrane 
Feed concentration at 









As can be seen in Figure 5, the permeate flux decreases with increasing NaCl concentration 
in the feed.  As a model feed solution consisting of NaCl in DI water is used here, little membrane 
fouling is expected.  Figure 5 also shows the decrease in water vapor pressure with NaCl 
concentration.  While the thermal and concentration polarization boundary layers will be affected 
by the increasing NaCl concentration in the feed, Figure 5 suggests that the decrease in water vapor 
pressure with increasing NaCl concentration will contribute to the observed decree in permeate 
flux.  
The results obtained here indicate that breakthrough occurs at approximately the same 
NaCl concentration for all 5 membranes.  Table 3 indicates that all 5 membranes display similar 
water contact angles but the surface roughness varies from 289 to 711 nm.  These results suggest 
that for the model feed streams tested here membrane surface properties are likely to be of 
secondary importance.  Using a lower flux membrane could lead to breakthrough of the feed at a 
higher concentration.  However real hydraulic fracturing produced waters have the potential for 
greater fouling.  Besides very high TDS, small volatile organic compound and dissolved gases 
could pass through the membrane pores degrading the permeate quality.  Further the presence of 
alcohols and surfactants can cause wetting of the membrane due to a lowering of the liquid surface 
tension [18, 19, 23].  Consequently in applications using real hydraulic fracturing produced waters, 
it is likely that the permeate flux will decrease more rapidly than observed in Figure 5 and 
breakthrough of the feed will occur at a lower TDS. 
The results presented here provide a quick method to determine membranes that are likely 
to give the highest permeate fluxes based on the bulk membrane structural parameter.  These 
membranes could be used to concentrate the feed rapidly. The actual TDS at which breakthrough 
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occurs will depend on the feed components (dissolved organics etc.) as well as the membrane 
surface properties such as hydrophobicity and roughness.  A lower flux (smaller pore size) 
membrane could be used to concentrate the feed beyond the breakthrough point for higher flux 
membranes.  Our results suggest that a multistage process using membranes of different 
permeabilities could be used to maximize the concertation of the reject brine solution enabling 
maximum water recovery. 
2.4. Conclusion 
 The results obtained here indicate the utility of defining an appropriate bulk membrane 
structural parameter.  If appropriately chosen, the structural parameter will provide insights into 
expected membrane performance when tested with low fouling model feed streams.  Under these 
conditions bulk membrane properties such as pore size, pore size distribution, tortuosity and 
thickness will have a greater effect on membranes performance compared to surface properties 
such as hydrophobicity and roughness.  Treatment of hydraulic fracturing produced waters often 
involves maximizing water recovery in order to minimize the volume of concentrated brine that 
has to be transported to a centralized treatment or disposal facility.  Membrane distillation could 
be used to concentrate the wastewater to close to the solubility limit of the dissolved salts in the 
water.  However it is likely that an optimized process will be a multistep process.  As the TDS of 
the feed increases lower flux membranes with smaller pore sizes will be required in order to 
prevent breakthrough the of the feed solution.  For real feed streams containing surfactant and 
other dissolved organic compounds either pre-treatment or optimized membrane surface properties 
will be required in order minimize a flux decrease due to membrane fouling as well as early 
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Chapter 3. Combined Electrocoagulation and Membrane Distillation for Treating High 
Salinity Produced Waters 
Abstract  
Membrane distillation has been investigated for treating high TDS hydraulic fracturing 
produced water (HFPW). When treating real HFPW feed streams which contain not only high 
TDS, but also dissolved organics, surfactants and low surface tension contaminants pretreatment 
of the feed is essential to suppress the onset of membrane fouling.  The objective of this study was 
to investigate the feasibility of electrocoagulation (EC) followed by direct contact membrane 
distillation (DCMD).  EC was shown to be effective in reducing suspended solids and the organic 
content of raw HFPW samples.  
Raw and EC pretreated HFPW samples were treated with DCMD system under variety of 
operational conditions.  Higher contaminate removal during EC resulted in lower membrane 
fouling and consequently, lower flux decline during DCMD.  The membrane permeability was 
modeled by summing the membrane and feed side fouling layer resistances. Long-term EC-DCMD 
experiments were conducted, concentrating the feed water, containing 135 g L-1 TDS, up to 265 g 
L-1.  Stable water flux with minimal fouling are reported over 434 h experimental run. 
3.1. Introduction 
Unconventional natural gas resources offer an opportunity to access a relatively clean fossil 
fuel that could potentially lead to energy independence for some countries.  Unconventional shale 
gas and tight sand production account for more than 60 percent of the total natural gas production 
in the US.  Horizontal drilling and hydraulic fracturing make the extraction of tightly bound natural 
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gas from shale formations economically feasible [1,2].  Following hydraulic fracturing, varying 
percentages (8–70%) of the injected water will return back to the surface during the lifetime of the 
well, containing very high concentrations of total dissolved solids (TDS) [3].  The volume and 
TDS content of hydraulic fracturing produced water (HFPW) of a well depends on a number of 
factors including: the geographical location, geological formation, well depth and time following 
hydraulic fracturing [4,5].  Kondash et al. [6] has estimated the median volume of HFPW to range 
from 1.7 to 14.3 million L per well over the first 5–10 years of production.  TDS concentration of 
HFPW ranges from 650 to 400,000 mg L-1 [4,7].   
Over the last decade, the most common disposal practice in the U.S. has involved injection 
of HFPW into brine disposal wells [8–10].  However, in many areas where oil and gas production 
is abundant, brine disposal sites are not available and the HFPW has to be transported to the 
disposal facilities [11].  This transportation can be very costly (up to $4.00 per bbl) [12].  In 
addition several environmental concerns have emerged surrounding HFPW discharge, notably 
induction of micro-scale earthquakes and the potential to contaminate the groundwater [6,13].  
Thus, treatment of HFPW streams is critical for developing economically viable hydraulic 
fracturing operations [14].   
Primary consideration when treating high salinity produced waters is TDS reduction to a 
quality suitable for discharge or for external reuse [10].  Reverse osmosis (RO) is the most 
practiced desalination technique in recent years and accounts for over 60% of the world’s capacity 
for water desalination [15].  However, RO is inefficient for treating produced waters containing 
elevated TDS concentrations due to very high hydraulic pressure requirements [16].  Mechanical 
vapor compression [17], membrane distillation (MD) [18] and forward osmosis (FO) [19] are three 
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examples of desalination technologies for high TDS brines that are appropriate for the produced 
water streams in shale gas plays where conditions promote external reuse [10].  In this study, we 
focus on MD. 
MD is a thermally driven separation process, in which only vapor molecules are able to 
pass through a porous hydrophobic membrane.  This separation process is driven by a vapor 
pressure gradient across a porous hydrophobic membrane [20].  Direct contact membrane 
distillation (DCMD) is the most commonly used configuration of MD [21].  In DCMD, hot feed 
water and cold distilled water flow on opposite sides of a hydrophobic membrane.  The membrane 
acts as a thermal insulator as well as a physical barrier between the hot feed and the cold distillate.  
Water vaporizes from the hot feed, passes through the membrane pores and condenses on the 
distillate side [22,23].  In this study, we investigate the application of DCMD for treating high 
TDS HFPW. 
MD can provide variety of advantages when treating high salinity produced waters, 
including: near complete rejection of dissolved and suspended species, lower operating pressures 
than pressure-driven separation processes (such as RO), lower operating temperatures compared 
to thermal distillation and the possibility of using waste-heat as the energy source for the process 
[18,24].  Since it is mostly the water vapor that crosses the membrane, dissolved solids remain in 
the concentrated retentate and high quality permeate is recovered. 
Like all membrane technologies, fouling is a major obstacle when operating MD for 
treating brines [25–30].  Fouling results in a decrease of the membrane permeability due to 
deposition of suspended or dissolved substances on the membrane surface and/or within its pores.  
Several studies have indicated the negative effect of membrane fouling on MD [28].  Moreover, 
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the role of particulate matter in real feed streams on membrane fouling is often neglected.  The 
MD feed stream is usually filtered (e.g. 0.25 and 0.45 µm filters) prior to introduction to the MD 
module [16].  In addition to fouling, MD also suffers from membrane wetting.  The MD 
membranes have to remain hydrophobic through the process, thus allowing only vapor and not 
liquid water to pass through.  Wetting refers to the process whereby the membrane starts allowing 
liquid water to flow into the membrane pores and leads to deterioration of permeate quality [31–
33].  Preventing pore wetting is particularly challenging in desalinating HFPW or other feed waters 
with high levels of surfactants or low surface tension contaminants [34].  In addition scaling due 
to precipitation of salts is a concern that can lead to membrane wetting [35].  
Pretreatment of real feed streams will be essential when developing practical MD 
processes.  Here we focus on pretreatment to suppress fouling by dissolved organic species, 
surfactants and other low surface tension foulants.    Pretreatment of the feed is standard practice 
in most desalination systems, and pretreatment needs vary significantly by technology and feed 
water quality [21,36].  Common pretreatment methods include oxidation, filtration, antiscalants, 
flocculation, and chlorination [27,31,37].  In this study, we investigate electrocoagulation (EC) as 
the pretreatment prior to MD.  EC has been successfully practiced prior to microfiltration [38,39], 
RO [40] and forward osmosis [14].  EC is an electrochemical method whereby sacrificial anodes 
(often Al or Fe) corrode to release active precursors into the solution.  The released metal ions are 
further transformed into hydroxides that neutralize charges or act as sweep flocs with large surface 
areas and hence, they promote aggregation or precipitatation as a sludge, adsorbing the dissolved 
organic compounds and trapping suspended particles [41].  While the basic chemistry is similar, 
EC can provide a number of advantages compared to chemical coagulation including reduction of 
the direct handling of corrosive chemicals, lower amount of sludge production, being readily 
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employable in portable wastewater treatment systems and less maintenance due to requiring no 
moving parts [14,42–46].  Another advantage of EC over other conventional methods is the 
potential for treating oily wastewater, where the presence of electric current can contribute to the 
electrocoalescence of oil droplets [47].   
In this study, we investigate the impacts of EC pretreatment prior to DCMD for treating 
high TDS HFPW using a commercial membrane.  We conduct DCMD experiments with synthetic, 
non-pretreated and pretreated HFPW under different operational conditions and investigate the 
water recovery from DCMD for different water qualities.  In addition, we conduct long-term EC-
DCMD experiments with pretreated HFPW samples and study the impact of pretreatment on 
longer experimental runs. 
3.2. Theory 
3.2.1. Mass Transfer in MD 
Water Flux across a hydrophobic MD membrane can be expressed as: 
𝐽 = 𝐴 ∆𝑃           (1) 
where J is water flux, A is membrane permeanility coefficient and ∆P is water partial pressure 
difference across the membrane [24].  For a membranes with pore sizes around 0.2 µm, the reduced 
Knudsen-molecular diffusion transition form of the dusty gas model has been used to predict the 







)         (2) 
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where Mw is molecular weight of water, δ is membrane thickness, R is universal gas constant, Tavg 
is average temperature across the membrane and pa is partial pressure of air.  Dm is molecular 
diffusion coefficient and is defined as follows: 





2.334         (3) 
where Ɛ and τ are membrane porosity and tortuosity, respectively.  In Eq. (2), Dk is Knudsen 









          (4) 
where r represents the nominal pore radius of membrane. 
Resistance in series modeling can address changes in membrane permeability due to 
fouling [50].  The overall MD permeability coefficient (A) depends on both membrane 









           (5) 
In equation (5) it is assumed that there is no mass transfer resistance on the permeate side as the 
permeate is solute free water.  We will use Eq. (5) to model our experimental results, assuming 
fouling does not affect the feed side concentration polarization boundary layer as well as feed 





3.2.2. MD Flux Prediction 
A mathematical code was developed in Matlab 2016a in order to predict MD water flux.  
Physio-chemical properties of water and different concentrations of sodium chloride in water as 
well as all other required parameters such as membrane module geometries, membrane physical 
properties and operational conditions were introduced into the code.  Then, a flat sheet membrane 
was subdivided into n differential elements.  Transmembrane ∆P at each element was estimated 
using the method described by Yun et al. [48] and consequently, the water flux at each element 
was estimated using Eq. (1).  The modeling algorithm is given in appendix A.  
3.2.3. EC 
The following reactions occur in the EC reactor when applying an electric current: 
At the anode:   𝑀(𝑠) → 𝑀(𝑎𝑞)
𝑛+ + 𝑛𝑒−       (6) 
At the cathode:  2𝐻2𝑂 + 2𝑒
− → 2𝑂𝐻− + 𝐻2      (7) 
where M is the electrode metal material (often Al or Fe) [51].  According to complex precipitation 
kinetics, the released metal and hydroxide ions react to from various metal complexes such as 
M(OH)(n-1)+, M(OH)2
(n-2)+ and M6(OH)15
(6n-15)+ that can neutralize negatively charged species and 
eventually, transform to amorphous M(OH)n(s) particles, as given by the following general scheme 
[14,52]: 
In solution:  𝑥 𝑀(𝑎𝑞)
𝑛+ + 𝑦 𝑂𝐻− → 𝑀𝑥(𝑂𝐻)𝑦
(𝑥𝑛−𝑦)
→ 𝑥 𝑀(𝑂𝐻)𝑛(𝑠)  (8) 
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M(OH)n(s) particles, with their large surface area, can adsorb organic compounds, trap suspended 
particles and finally, polymerize and deposit as sweep floc (with the adsorbed organics and 
colloidal particles) according to the following reaction, [53]: 
𝑥 𝑀(𝑂𝐻)𝑛 → 𝑀𝑥(𝑂𝐻)𝑥𝑛          (9) 
3.3. Materials and Methods 
3.3.1. HFPW: Source and Characterization 
HFPW samples were collected from Marcellus shale gas production facilities in 
Pennsylvania and provided by Southwestern Energy (Houston, TX).  The water samples were 
disinfected on-site using a Balckwater unit (MOIX, Albuquerque, NM) and received in 20 L 
containers.  Raw and pretreated water samples were characterized for the levels of TDS, total 
suspended solids (TSS), total organic carbon (TOC), dissolved organic carbon (DOC) and turbidity 
as well as inorganic composition at Arkansas Water Resources Center, University of Arkansas 
(Fayetteville, AR).  TDS and TSS were measured using EPA standard methods 160.1 and 160.2 
[54], respectively.  TOC was measured using a Skalar Formacs TOC analyzer (Breda, 
Netherlands), DOC was measured using EPA method 415.1 [54] and turbidity was measured using 
a Turb 550 (WTW, Weilheim, Germany) turbidity-meter.  Cations and anions present were 
measured using Spectro Genesis ICP OES (Kleve, Germany) and Dionex DX-120 ion 
chromatograph (Sunnyvale, CA), respectively.  The percent difference between the sum of anions 






EC was investigated as the primary pretreatment method.  Fig. 1 represents a schematic 
diagram of the EC setup.  Five electrodes with an active surface area of 180 cm2 (6061 aluminum 
alloy) and 5 mm spacing were placed vertically in a home-made polycarbonate reactor (600 ml).  
The first and last electrodes were connected to a DC power source (Hewlett Packard, Palp Alto, 
CA) and acted as the cathode and anode.  All EC experiments were carried out in batch mode.  In 
each experiment, 550 ml HFPW sample was collected in the EC unit.  The current was maintained 
at 1 to 5 A (equivalent to 5.5 to 27.8 mA cm-2 current density) and the corresponding voltage was 
recorded.  After 30 a second reaction time, electrocoagulated samples was transferred to a 
separatory funnel for sludge sedimentation.  After a 6 h sedimentation time, the clear portion of 
the sample was recovered and the deposited sludge as well as floating skimmings were wasted.   
 
Fig. 1.  EC setup.  EC unit consisted of a polycarbonate reactor, five aluminum electrodes and a 
DC power source. 
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3.3.3. MD Membrane 
Ethylene chlorotrifluoroethylene (ECTFE) copolymer flat sheet membrane samples were 
provided by 3M (Maplewood, MN).  Table 1 represents the characteristics of these ECTFE 
membranes, including mean pore size, porosity, thickness, contact angle, maximum roughness and 
liquid entry pressure (LEP).  All membrane properties were measured and discussed in our 
previous work [55]. 













ECTFE 0.18 0.71 82±4 130±1 711 330 
 
3.3.4. DCMD Test System 
Fig. 2 is a schematic diagram of the DCMD apparatus.  A home-made PTFE tangential 
flow cell with 40 cm2 effective surface area and 2 mm channel depth was employed for DCMD 
experiments.  In order to provide mechanical support for the membrane, PTFE spacers (ET 8700) 
were acquired from Industrial Netting (Minneapolis, MN) to fill the channels on both sides of 
membrane cell.  As can be seen in Fig. 1, feed and distillate streams recirculated countercurrent 
on opposite surfaces of the membrane by means of two peristaltic pumps (Masterflex I/P, Cole 
Parmer, Vernon Hills, IL) at equal flow rates of 0.3 to 0.9 L min-1 (equal to flow velocity of 5.5 to 
16.7 cm-1 sec).  A range of feed temperatures, from 50 to 70  ̊C were tested.  Temperature of 
distillate stream was kept at 20 ̊C for all experiments.  The conductivity of distillate was recorded 
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using a conductivity meter (VWR, Radnor, PA) and kept under 20 µS cm-1 during all membrane 
distillation experiments to make sure that experiment runs without membrane damage or wetting.  
Membrane damage/wetting was recognized when the conductivity of permeate stream increased 
rapidly above 20 µS cm-1 with a concurrent rapid increase in water flux. 
A custom-made level controlled tank with capacity of 2 L was employed as the feed tank.  
The level controller in this tank was connected to a dosing and a discharge pump (Masterflex L/S 
Digital Standard Drive, Cole Parmer).  The dosing pump was used to inject fresh feed as make-up 
water into the feed tank.  The discharge pump was employed to enable the process to run in 
continuous mode.  The outlet line from the feed tank was open in all continuous experiments and 
was closed in all batch experiments.  Both dosing and discharge pumps were activated by the level 
controller installed in the feed tank.  The flow rate of dosing and discharge pumps were 
proportionally adjusted to maintain a constant TDS in the feed tank in continuous experiments.  
While permeate was collected in the distillate reservoir, the make-up water and high TDS brine 
tanks were placed on computer-connected analytical balances (Mettler Toledo, Columbus, OH).  
Water flux calculation in L m-2 h-1 was performed using Eq. (10): 
𝐽 =
∆𝑚
𝑆𝐴 𝑥 𝑡 𝑥  𝜌
          (10) 
where J is transmembrane water flux, Δm is the recorded net weight difference between make-up 
water and high TDS brine tanks, SA is membrane surface area, 𝑡 is time interval of weight record 




Fig. 2.  Schematic diagram of the established DCMD setup. 
 
3.3.5. DCMD Experiments 
Table 2 gives the various DCMD experiments carried out in this study.  Experiments were 
performed using different feed streams.  A set of experiments were carried out with synthetic 
HFPW to provide a baseline/control for the DCMD system.  Synthetic HFPW was prepared using 
sodium chloride in de-ionized (DI) water, containing the same TDS as the raw HFPW.  DCMD 
experiments were also performed employing raw HFPW obtained from oil and gas extraction 
facilities.  For synthetic and actual HFPW, different feed temperatures as well as a range of flow 
velocities were tested.  In addition, DCMD experiments were performed with EC pretreated HFPW 
samples.  In these experiments, experiments were continued until feed water was concentrated up 
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to 300 g L-1 TDS.  Finally, a long-term experiment was conducted over 434 h to evaluate the 
performance of ECTFE membrane in longer experimental runs.   


















































Up to 434 
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3.3.6. Membrane Characterization Tests 
3.3.6.1. Scanning Electron Microscopy (SEM) and Energy-dispersive X-ray Spectroscopy 
(EDX) 
SEM using a Nova Nanolab 200 Duo-Beam Workstation (FEI, Hillsboro, Oregon) was 
used to observe changes in the ECTFE membrane surface after DCMD experiments.  The same 
equipment was used to perform EDX spectroscopy on fouled membrane surfaces to obtain 
chemical information on the foulants.    
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3.3.6.2. Contact Angle 
The static contact angle was measured using a contact angle goniometer (Model 100, 
Rame-Hart Instrument Company, Netcong, NJ).  A DI water droplet (5 μL) at a rate of 2 μL/s was 
formed on the tip of a micro-syringe (Hamilton, Reno, NV). The micro-syringe was moved down 
vertically towards the sample until it made the contact with the sample. Then, the syringe was 
moved up and detached from the droplet.  Using the circle fitting method, the angle made between 
the left and right-hand side of the water droplet and the membrane surface was measured at five 
locations and averaged. 
3.3.6.3. LEP 
LEP was determined as described by Smolder and Franken [56].  Briefly, the LEP of virgin 
and tested ECTFE membranes was measured using a Sterlitech HP4750 (Kent, WA) stainless steel 
cell at 20 ˚C.  The cell was filled with DI water and gradually pressurized at the rate of 13.8 kPa 
min-1. The LEP is the pressure at which a continuous flow of DI water through the membrane is 
first observed.   
3.4. Results and Discussion 
3.4.1. HFPW Characterization Results 
Table 3 shows the characteristics of raw and pretreated HFPW samples.  All samples were 
characterized in terms of inorganic composition as well as the following parameters: TDS, TSS, 
TOC, DOC, pH and Turbidity.  Close to four times higher than seawater TDS (135 g L-1) is 
observed.  Sodium and calcium were observed as the main cations, while chloride was the main 
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anionic component of the HFPW.  The HFPW sample contained 97.9 and 41.8 mg L-1 TOC and 
DOC, respectively.  It contained relatively high levels of suspended solid and turbidity, compared 
to municipal wastewaters. 
Table 3.  Characterization results of raw and pretreated HFPW samples. 
 Unit Raw HFPW EC 1 A EC 2 A EC 3 A 
TDS g L-1 135 134 133 133 
TOC mg L-1 97.9 57.4 46.3 37.8 
DOC mg L-1 41.8 35.7 31.1 29.6 
TSS mg L-1 494.1 107.1 43.3 37.3 
Turbidity  Ntu 23.4 4.3 1.1 0.8 
pH  6.4 6.5 6.4 6.7 
chloride mg L-1 86,379 84,324 85,122 83,415 
Nitrate mg L-1 0.7 0.3 0.7 0.5 
sulfate mg L-1 1.9 1.4 1.4 1.1 
Aluminum mg L-1 1.5 2.7 3.2 4.6 
Boron mg L-1 25.6 20.7 22.4 21.8 
Calcium mg L-1 12,352 12,194 12,501 11,893 
Magnesium mg L-1 35.07 33.64 33.9 34.5 
Potassium mg L-1 740.4 728.7 719.8 731.5 
Sodium mg L-1 38,720 38,671 38,421 38,122 
Electroneutrality 
Percent Difference 




3.4.2. EC Pretreatment 
Here, aluminum electrodes were used as EC electrodes.  Following EC reactions, Al3+ and 
OH- ions were released into the solution and formed a variety of aluminum hydroxide complexes 
(see section 2.3).  Positively charged complexes such as Al(OH)2
+ contributed to charge 
neutralization of negatively charged organic species and suspended solids.  As the solution aged, 
aluminum hydroxide complexes transformed to Al(OH)3(s), producing white-grey flocs [57].  These 
flocs adsorbed organic molecules, trapped suspended particles and were separated from solution 
following a 6 h sedimentation time. 
Different parameters including voltage, current, reaction time, pH and electrode material 
can affect EC performance. A range of electric currents, from 1 to 5 A were investigated.  The EC 
reaction time was kept constant at 30 sec for all runs.  The impact of EC pretreatment on removal 
of different parameters is calculated as removal efficiency using Eq. (11): 
𝑅𝑒𝑚𝑜𝑣𝑎𝑙 𝐸𝑓𝑓𝑖𝑐𝑖𝑒𝑛𝑐𝑦 (%) =
𝐶𝑓−𝐶𝑝
𝐶𝑓
 𝑋 100        (11) 
where Cf and Cp are feed and EC pretreated water concentrations, respectively.  Results are 
presented in Fig. 3.  As can be seen, all removal efficiencies increased as the applied current 
increased.  When current rose from the zero to 2 A, all contaminants were rapidly removed.  
However, the removal efficiency reaches an approximately constant value once the current reached 
3 A.  For 3 A current, turbidity, TSS and TOC were removed by 96, 91 and 61%, respectively.  
The removal of DOC was 29%. Only limited removal of TDS is observed. 
The voltage was recorded at 15 sec intervals in all EC experiment.  Due to the generation 
of ionic species, the voltage was decreased to ensure a constant current during each EC run.  
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Energy consumption for EC process (E) was estimated in kWh per m3 feed using the following 
equation: 
𝐸 =
𝑉 𝑥 𝐼 𝑥 𝑡
𝑉𝑟
           (12) 
where 𝑉 is average voltage, 𝐼 is applied current, 𝑡 is reaction time and 𝑉𝑟 is reactor volume.  Energy 
consumption is shown in the secondary vertical axis of Fig. 3.  Higher removal was achieved for 
higher currents which resulted in higher energy consumption.  The estimated energy consumption 
for 3 A current was 1.41 kWh m-3.   
 
Fig. 3. Removal efficiency of turbidity, TSS, TOC, DOC and TDS as a function of current applied 
during EC.  Energy consumption of the EC process is shown on the secondary vertical axis. 
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3.4.3. DCMD Results 
3.4.3.1. Baseline Experiments with Synthetic Feed 
The first set of DCMD experiments were conducted using a synthetic HFPW stream as 
feed, consisting of 135 g L-1 sodium chloride in DI water.  TDS level was the same as the actual 
HDPW sample received form Southwestern Energy.  A range of feed temperatures and flow 
velocities were tested.  All experiments were carried out in batch mode, concentrating the feed 
water up to 300 g L-1 TDS (55% water recovery) with continuous addition of saline make-up water 
to the feed tank.  Figs. 4.a and 4.b demonstrate the water flux of the ECTFE membrane for a range 
of feed temperatures as well as a range of flow velocities as a function of feed TDS.  The recovered 
permeate volume, corresponding to the feed TDS at each point, is presented uisng the secondary 
horizontal axis.  Water fluxes in the range of 18 to 70 L m-2 h-1 were observed when increasing the 
feed temperature from 50 to 70 ⁰C.  Water vapor transport trough the membrane is driven by the 
vapor pressure difference across the membrane.  Vapor pressure is a function of temperature and 
increases rapidly by increasing temperature [58].  Thus, higher water fluxes were observed for 
higher feed temperatures.  A slight flux decline is observed with increasing feed TDS.  This is not 
unexpected given the dependence of vapor pressure on feed salinity [23].   
Water fluxes in the range of 24 to 47 L m-2 h-1 were observed for 5.5 to 16.7 cm s-1 flow 
velocities.  As can be seen in Fig. 4.b, the water flux increased with increasing flow velocity of 
distillate and feed streams.  An increase in flow velocity increases the heat transfer coefficient for 
the thermal boundary layer on the feed and distillate sides of the membrane [59].  As the heat 
transfer coefficient on both sides of the membrane increases, the temperature at the membrane 
surface increases on the feed side but decreases in the permeate side (approaches the temperature 
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in the bulk solution).  Thus, higher water flux is observed due to a higher water vapor pressure 
difference across the membrane [21].   
As can be seen in Figs. 4.a and 4.b, predicted water fluxes are in good agreement with the 
experimental results.  The results obtained here are in agreement with results reported by Han et 
al. [60], indicating stable water flux in DCMD system and minimal fouling when the feed stream 
contains only sodium chloride.  
 
Fig. 4.  Experimental and predicted water flux as a function of feed TDS and permeate volume for 
synthetic HFPW at a) different feed temperatures with flow velocity fixed at 16.7 cm s-1 and b) 
different flow velocities at 60 ⁰C feed temperature.  Synthetic water, containing 135 g L-1 sodium 
chloride in DI water, was used as feed and make-up water.  Experiments were carried out with 






Digital and SEM images taken of the surface of the ECTFE membranes after treating 
synthetic HFPW are shown in Fig. 5.a and Fig. 5.b, respectively.  As can be seen, minimal fouling 
is observed.  SEM images from different locations on the membrane surface did not show 
significant signs of fouling.  For the membrane shown in Fig. 5 a and b, DCMD experiments were 
conducted at 60 ⁰C feed temperature, 20 ⁰C distillate temperature and 9.3 cm s-1 flow velocity.  
McGaughey et al. [61] report a similar observation for a synthetic saline feed using 
polytetrafluoroethylene (PTFE) membranes.  The membrane surface was further analyzed using 
EDX spectroscopy after treating synthetic HFPW.  The EDX spectrum is given in Fig. 5.c.  Carbon, 
fluorine and chlorine peaks are due to the base ECTFE polymer (hydrogen cannot be detected 
using EDX spectroscopy) [62].  Gold and palladium peaks are also observed due to membrane 
preparation prior to SEM imaging.  A sodium peak was not detected, supporting the idea that solid 




Fig. 5.  Digital and SEM images of surface of the ECTFE membranes after DCMD with a & b) 
synthetic HFPW d & e) raw actual HFPW.  EDX spectra for membranes after DCMD with c) 
synthetic HFPW and d) raw HFPW.  Both synthetic and actual feed streams contained 135 g L-1 





3.4.3.2. DCMD Experiments with Raw HFPW 
A second set of DCMD experiments was carried out using raw HFPW, containing 135 g 
L-1 TDS, 97.9 mg L-1 TOC and 107.1 mg L-1 TSS.  Analysis of raw HFPW is shown in Table 3 
(see section 4.1).  Virgin ECTFE membranes were used in all DCMD runs.  Figure 6.a and b show 
the variation of water flux with feed TDS and permeate volume at different feed temperatures and 
flow velocities, respectively.  The predicted water fluxes are also shown by dashed lines.  As can 
be seen, comparing Figure 4 and 6. the decrease in water flux is significant and cannot be predicted 
based on the results for synthetic HFPW.   
When using actual HFPW membrane fouling leads to a significant decline in water flux.  
This is not unexpected given the high level of TSS (494.1 mg L-1) and TOC (97.9 mg L-1) in the 
feed water.  Lokare et al. [16] report much lower flux decline rates for PTFE and polypropylene 
(PP) membranes when treating HFPW containing 80 g L-1 TDS.  However, the feed water was 
pretreated prior to DCMD experiments in their work, using a microfiltration membrane.  Thus, 
solids and particulates greater than 0.22 µm were removed from the HFPW samples and the 
resulting pretreated water contained minimal levels of TOC.   
Digital and SEM images from the surface of ECTFE membrane after treating raw HFPW 
are shown in Figs. 5.c and 5.d, respectively.  A brownish cake layer was observed on the membrane 
surface confirming significant membrane fouling.  The SEM image indicates blockage of the 
membrane pores.  The membrane surface was further investigated by Energy-dispersive X-ray 
(EDX) spectroscopy.  EDX spectrum is shown in Fig. 5.f.  A number of elements were detected 
on the surface.  The fluorine peak was reduced compared to Fig. 5.c due to the formation of a 
fouled layer on the membrane surface.  However the carbon peak as well as a new oxygen peak 
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are detected, indicating deposition of organic compounds [63].  A significantly stronger chlorine 
peak as well as a new sodium peak are observed for the membrane used to treat real HFPW.   This 
indicates the formation of sodium chloride scale on the membrane surface.   The presence of a 
calcium peak suggests that calcium based scale also forms.  Similar to the EDX spectrum for the 
membrane challenged with synthetic HFPW, gold and palladium were detected on the surface.  
 
Fig. 6.  Variation of experimental water fluxes with feed TDS and permeate volume for real HFPW 
at a) different feed temperatures with constant flow velocity of 16.7 cm s-1 and b) different flow 
velocities at 60 °C feed temperature.  Experiments were run with feed outlet line closed.  Distillate 
stream was kept at 20 °C.  Dashed lines represent the predicted water fluxes based on synthetic 
HFPW. 
 
3.4.3.3. DCMD with EC Pretreated HFPW 
Pretreatment of the real HFPW is essential in order to suppress rapid membrane fouling 
when develop a practical MD process.  Further, the pretreatment process must be economically 
viable and practical to implement in the field.  Here we have investigated EC.  EC pretreated 
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samples using 1, 2 and 3 A were introduced to the DCMD system.  All experiments were continued 
until 2.45 L permeate were collected and feed was concentrated to 300 g L-1 TDS.  Figure 7 give 
the variation of water flux for different pretreated water samples.  Dashed line shows the water 
flux for synthetic HFPW.  In addition, the result for HFPW without EC pretreatment is included.  
As can be seen as the current used for EC pretreatment is increased, a lower decrease in water flux 
is observed during DCMD.  Using currents higher than 3 A did not lead to a significant 
improvement in water flux in agreement with the results shown in Figure 3.   
 
Fig. 7.  Variation of water flux for pretreated and non-pretreated HFPW as functions of feed 
salinity and permeate volume.  The feed temperature was maintained at 60 ⁰C.  Flow velocity of 




Fig. 8 give SEM images of the surface of the ECTFE membranes after experiments with 
pretreated feeds.  As can be seen by comparing Figure 8.a,b and c, the degree of fouling decreasd 
as the current used during EC increases.  Comparing Figures 5 and 8, fouling is greatly suppressed 
by EC pretreatment.  These results are in agreement with the results shown in Figure 3 for the 
removal efficiency of TOC, TSS and turbidity. 
 
Fig. 8. SEM images of surface of ECTFE membrane after DCMD experiment with EC pretreated 
HFPW samples.  a) 1 A current, b) 2 A current and c) 3 A current. 
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Preventing membrane wetting is of significant importance when operating MD systems.  
Fouling induced wetting, resulting in product water contamination, is a significant concern for real 
MD applications [31,64].  Membrane hydrophobicity and LEP are often related to membrane 
wetting [21].  Sessile drop contact angle was measured for virgin and used ECTFE membranes.  
The results are shown in Fig. 9.  A contact angle of 130⁰ was measured for virgin ECTFE 
membrane.  After DCMD with synthetic HFPW, the contact angle was slightly decreased to 122⁰.  
Although no significant fouling was detected in DCMD experiment with synthetic HFPW to cause 
the contact angle to decrease, exposure to temperatures around 60 ⁰C can change the membrane 
hydrophobicity [61].  In the case of pretreated HFPW, the membrane contact angle decreased as 
the TOC content of feed increased.  Contact angle of 76, 105 and 111⁰ were measured for EC 
pretreated HFPW with 1, 2 and 3 A current, respectively.  While for the case of raw HFPW, water 
droplet could not be formed on membrane surface due to severe fouling and was immediately 
adsorbed. 
The average LEP of membranes is also reported in Fig. 9.  The LEP follows the same trend 
as the contact angle.  The LEP decreases as the membrane fouling increases.  Reduction of LEP 
implies a greater likelihood of membrane wetting [60].   The occurrence of membrane wetting 
depends not only on the LEP but also internal pore hydrophobicity [35].  LEP of 94, 216 and 249 




Fig. 9.  Contact angle and LEP of fresh and tested ECTFE membranes.  Both contact angle and 
LEP decrease with an increase in organic content of DCMD feed water.  
 
3.4.4. Modified Flux Prediction 
Reduction of water flux due to membrane fouling can be related to changes in the overall 
MD permeability coefficient according to Eq. (5).  Here, we have modeled the decrease in flux in 
terms of a change in the water permeability coefficient (A).  Fig. 10.a gives the calculated water 
permeability coefficient of the fouling layer (Af) for raw and pretreated HFPW as a function of 
permeate volume.  As can be seen, the permeability of fouling layer decreases as the permeate 
volume increases.  As expected, an increase in EC current resulted in higher fouling layer 
permeability coefficients.  Using Eq. (5) along with our flux prediction tool, water flux of EC 
pretreated HFPW (3 A current) was estimated for different operating conditions.  Fig. 10.b 
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illustrates the variation of experimental and predicted water flux versus recovered permeate 
volume.  Feed and distillate temperatures were maintained at 60 and 20 ⁰C, respectively.  Flow 
velocities were kept constant at 16.7 cm s-1.  The flux was modeled using the fouling layer 
permeability coefficient calculated in Fig. 10.a.  Af for the pretreated HFPW with 3 A current is 
used.  The fouling layer permeability coefficient could be used as a correction factor when the 
vapor pressure data of the real feed streams, containing various organic and inorganic species, is 
not available.   
 
Fig. 10.  a) Fouling layer permeability coefficient (Af) as a function of permeate volume. b) 
experimental and predicted (using Af) water flux. 
 
3.4.5. Long-term EC - DCMD Experiment 
A long-term DCMD experiment was conducted to evaluate the performance of ECTFE 
membrane for water recovery from EC pretreated HFPW.  The experiment was carried out using 
81 
 
pretreated HFPW with 3 A current as feed stream.  Characteristics of this pretreated sample can 
be found in Table 3.  Feed and distillate temperatures were maintained at 60 and 20 ⁰C, 
respectively.  Flow velocity of both feed and distillate streams were kept constant at 9.3 cm s-1.  
Experiment was first run in batch mode with the feed discharge outlet line closed.  Feed water was 
concentrated to 265 g L-1 (~50% recovery).  This step was performed in 13:40 h.  Then, the outlet 
line was opened and TDS of feed was maintained constant at 265 g L-1 using proportional dosing 
and discharge flow rates.  Experiment ran for ~420 h in continuous mode.  Clean permeate was 
recovered in distillate tank, fresh pretreated feed was continuously added to feed tank and 
concentrated brine was withdrawn from the feed tank and collected in the high TDS brine tank 
(see Fig. 2).  Conductivity of distillate was monitored throughout the experiment and maintained 
below 50 µS cm-1 to ensure no wetting.   
Fig. 11.a gives the variation of water flux and distillate conductivity as a function of run 
time.  Water flux decline was observed in the batch mode (first ≈14 h), as the feed was concentrated 
the feed up to 265 g L-1 TDS.  This flux decline was mainly due to the decrease in transmembrane 
vapor pressure difference caused by increasing in feed salinity.  As can be seen, almost a steady 
water flux was observed for 420 h when the feed TDS was kept constant at 265 g L-1.   time.  Lokare 
et al. [16] report a similar trend over 70 h experimental time for HFPW pretreated with 0.22 µm 
microfiltration membrane and reducing the TOC content of the feed water to ~6 mg L-1 (here 37.8 
mg L-1).  
The TDS of the brine tank was measured during continuous operation to ensure it remained 
constant at 265 g L-1. The TDS of the brine tank is lasso given in Figure 11 using the secondary 
vertical axis.   Figs. 11.b and 11.c show SEM images of two locations on the membrane surface 
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after the long-term experiment.  As can be seen, minor fouling and scaling were observed.  At the 
end of experiment, recovered permeate was characterized in terms of TOC and TSS content.  2.94 
mg L-1 TOC was measured in the permeate, while the TSS was below detection limit.  In MD not 
only water vapor, but also volatile organic compounds, can vaporize and pass through the 
membrane pores giving rise to the measured.  Transport of organics across the membrane is linked 
to contaminant volatility and hydrophobicity [65]. 
 
Fig. 11. Water flux and distillate conductivity as functions of time for the long- term DCMD 
experiment.  Pretreated HFPW with 3 A was used feed.  Feed and distillate temperatures were kept 
at 60 and 20 ⁰C, respectively.  Flow velocity of both feed and distillate streams were at 9.3 cm s-1.  
 
3.5. Concluding Remarks  
Membrane separation processes can be utilized in treatment of HFPWs to maximize water 
recovery and minimize the volume of concentrated brine that has to be disposed to the 
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environment.  Here, we obtained water recoveries up to 57 percent from an actual HFPW sample 
containing 135 g L-1 dissolved solids.  For real feed streams, containing surfactants and other 
organic compounds, either pretreatment or optimized membrane surface properties will be 
required in order minimize a flux decrease due to membrane fouling.  The results obtained in this 
work indicate the importance of pretreatment prior to DCMD when treating high salinity PWs.  If 
appropriately designed, pretreatment could successfully mitigate fouling and wetting during real 
DCMD operations.  We show that EC process could effectively remove most contaminations, 
except for TDS, from actual HFPW.  Maintaining a 3 A current in EC reactor for 30 sec, turbidity, 
TSS and TOC were removed by 96, 91 and 61%, respectively.  Higher removal of contaminates 
such as TSS and TOC resulted in lower membrane fouling as well as lower water flux decline in 
DCMD.  Using resistant in series modeling for membrane permeability, considering a fouling layer 
permeability coefficient, water flux of DCMD system for pretreated HFPW (3 A current) was 
accurately estimated.  EC pretreated water was concentrated up to 265 g L-1 in a continuous DCMD 
process for over 434 h reporting stable water flux.  However, we show that even small levels of 
organic content could result in membrane fouling in longer experimental runs.   
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Appendix A. 
Heat transfer rate across the membrane is expressed as follows: 
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𝑄𝑚 = 𝐾∆𝑇 + 𝐽𝜆           (A.1) 
The first term in Eq. (A.1) represents the conduction heat transfer across the membrane where K 
and ∆T are conduction heat transfer coefficient and temperature difference across the membrane, 




          (A.2) 
where km is solid membrane thermal conductivity and ka is thermal conductivity of air.  Eq. (A.2) 
accounts for both solid structure as well as porous nature of the membrane.  Second term in Eq. 
(A.1) represents the heat transfer by water evaporation on feed side and consequent condensation 
in the distillate stream, where λ is latent heat of vaporization. 
 In order to calculate the heat transfer across the membrane, bulk temperatures of feed and 
distillate streams cannot be used due to thermal polarization.  Fig. A.1 (a) illustrates the thermal 
boundary layer on either side of the membrane.  As can be seen, feed temperature at surface of the 
membrane is lower than bulk feed temperature and the distillate temperatures at the surface of 
membrane is higher than the bulk distillate temperature.  The rate of convective heat transfer across 
the boundary layers on either of the membrane is given as follwos: 
𝑄𝐹 = ℎ𝐹(𝑇𝐹,𝑏 − 𝑇𝐹,𝑚)         (A.3) 
𝑄𝐷 = ℎ𝐷(𝑇𝐷,𝑏 − 𝑇𝐷,𝑚)         (A.4) 
where hF and hD are convective heat transfer coefficients for the feed dn distillate side thermal 
boundary layers.  As shown in Fig. A.1 (a), F, D and m subscripts imply feed, distillate and 
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membrane surface, respectively.  The heat transfer coefficients within the boundary layers may be 




              (A.5) 
where Nu, Cp and dh are Nusselt number, specific heat capacity and channel hydraulic diameter, 
respectively.  For spacer-filled channels, the Nusselt number and hydraulic diameter can be 
calculated as follows [67]: 















          (A.7) 
where Re and Pr are Reynolds and Prandtl number and 𝑙𝑚, Ɛ𝑠𝑝, 𝛿𝑠𝑝 and 𝑑𝑓 are spacer filament 
length, spacer voidage, spacer thickness and spacer filament diameter, respectively.  Spacer 
voidage is calculated as Eq. (A.8): 




         (A.8) 
In this equation, θ is the spacer inside angle.  In equation (A.6), Kdc is a characteristic representative 
of spacer and is defined as follows: 











       (A.9) 
The feed concentration at the membrane surface can be calculated using following equation [49]: 
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𝐶𝑚 = 𝐶𝑏 𝑒
𝐽
𝑘𝑐𝜌𝐹          (A.10) 
where Cb is feed bulk concentration, kc is convective mass transfer coefficient for the feed side 
concentration boundary layer and ρF is feed density.  Analogous to convective heat transfer, mass 




              (A.11) 
where Sh is Sherwood number and DF is solute diffusion coefficient.  Given the large amount of 
NaCl in the HFPW, the diffusion coefficient of NaCl is used.  Analogous to definition of Nu 
number, Sh is defined as follows (Sc is Schmidt number): 






        (A.12) 
 
Fig. 1.A.  Schematic diagram of a) temperature and concentration profiles across the membrane. 




A mathematical code was developed in MatLab 2016a.  Properties of water and different 
concentrations of sodium chloride in water as well as all other required parameters such as 
membrane module geometries, membrane physical properties and operational conditions were 
introduced into the code.  Next a flat sheet membrane was subdivided into n differential elements.  
See Fig. A.1 (b).  Mass and heat transfer equations were solved simultaneously for each element 
separately using following boundary conditions (Note: 𝐶𝑏
𝑖𝑛, 𝑇𝐹,𝑏
𝑖𝑛  and 𝑇𝐷,𝑏
𝑖𝑛  are known): 
𝑎𝑡     𝑧 = 0      ,      𝑇𝐹,𝑏 = 𝑇𝐹,𝑏
𝑖𝑛          (A.13) 
𝑎𝑡     𝑧 = 𝑙      ,      𝑇𝐷,𝑏 = 𝑇𝐷,𝑏
𝑖𝑛          (A.14) 
𝑎𝑡     𝑧 = 0     ,      𝐶𝑏 = 𝐶𝑏
𝑖𝑛         (A.15) 
Fig. A.2 gives the modeling strategy.  The distillate outlet temperature (at z=0) was 
assumed as the initial guess equal to feed inlet temperature as following: 
𝑎𝑡     𝑧 = 0      ,      𝑇𝐷,𝑏
𝑜𝑢𝑡 = 𝑇𝐹,𝑏
𝑖𝑛  
For each ith element, the feed temperature and concentration at the membrane surface as well as 
the distillate temperature at membrane surface were assumed equal to the bulk concentration and 
temperatures.  For the ith element, the water flux (J) was calculated using the reduced Knudsen-
molecular diffusion model, convective heat transfer coefficients on feed and distillate sides (hf and 
hD) were calculated using Eq. (A.5) and consequently, feed and distillate temperatures at 
membrane surface (TF,m and TD,m) were calculated using overall heat balance as follows: 
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        (A.18) 
TF,m and TD,m were initially assumed and then calculated using equations (A.17) and (A.18).  The 
difference between the calculated values and assumed guesses was calculated as the error.  If the 
error was more than one percent, new values were substituted as new guesses and the procedure 
repeated.  Then the calculation was marched forward up to nth element.  In the case of a difference 
between boundary condition Eq. (A.14) and calculated TD
in, the initially guessed TD
out was 
decreased by 0.001 ⁰C.  This method was continued until the difference between calculated TDin 
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Chapter 4. Aluminum Electrocoagulation Followed by Forward Osmosis for Treating 
Hydraulic Fracturing Produced Waters 
Abstract 
Forward osmosis is an emerging membrane based separation technology that could find niche 
applications in the treatment of oil and gas produced water. Here, the feasibility of treating 
hydraulic fracturing produced waters using a combined electrocoagulation (EC) and forward 
osmosis (FO) process has been investigated. EC is shown to be effective in removing suspended 
solids and organic compounds which foul the membrane during FO. The amount of suspended 
solids and organic compounds that are removed depends on the EC reaction time. By accounting 
for internal and external concentration polarization as well as fouling due to deposition on the feed 
side barrier surface of the FO membrane, the expected flux may be determined. The effectiveness 
of removal of suspended solids and organic compounds may be modeled as changes in the 
permeability of the foulant layer that develops on the feed side of the membrane. The results 
obtained for real produced waters from Southwestern Energy operations in the Fayetteville Shale 
indicate that combined EC and FO could be an effective method for water recovery from hydraulic 
fracturing produced waters. 
4.1. Introduction 
Freshwater is a fundamental resource and integral to all ecological and societal activities. 
Improper wastewater discharge can adversely affect nearby communities and ecosystems [1]. 
Produced water is a by-product from oil and gas recovery operations. Often produced waters are 
highly impaired containing organic and inorganic contaminants. Development of cost-effective 
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treatment processes for produced waters is of tremendous societal importance due to significant 
possibility of surface and underground water and soil pollution. [2]. This is especially important 
for development of unconventional gas reservoirs, including coalbed methane, tight gas and shale 
gas [3]. Here we focus on hydraulic fracturing operations. 
Economically viable gas production from shale reserves is achieved by horizontal drilling 
followed by hydraulic fracturing [4]. Hydraulic fracturing is a stimulation technique used to 
increase oil and gas production from shale and underground rock formations [5]. Hydraulic 
fracturing flowback water, a subset of produced water, is defined as the stream returning to the 
surface after the hydraulic fracturing process. This stream is often highly impaired containing 
hazardous organic and inorganic constituents. The concentration of total dissolved solids (TDS) in 
these streams can vary between about 13,000 to 400,000 mg/L [6,7]. Thus, treatment of these 
produced waters is critical for developing economically viable hydraulic fracturing operations. 
Treatment of highly impaired produced waters is challenging given the very high TDS as 
well as the presence of dissolved organic contaminants. Membrane based separation technologies 
such as microfiltration, ultrafiltration and nanofiltration are routinely used for treatment of 
wastewater [8]. In addition, reverse osmosis (RO) is used for desalination of seawater to produce 
drinking water [9]. RO is a very effective and applicable desalination process for treatment of low 
TDS waters (TDS <47,000 mg L-1) [10]. However, membrane fouling and scaling is a primary 
concern when operating RO systems [10,11]. The feed water requires rigorous pre-treatment to 
prevent fouling of the reverse osmosis membrane [11,12]. Many new processes involving 
osmotically and thermally driven membrane technologies are being investigated for desalination 
of highly impaired wastewaters [9-13]. Here we consider forward osmosis. 
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Osmosis is defined as the net movement of water across a selectively permeable membrane 
driven by a difference in osmotic pressure across the membrane [14].  In FO, a draw solution 
having a significantly higher osmotic pressure than the produced water flows on the permeate side 
of the membrane. Due to the osmotic pressure gradient water flows from the feed to the draw 
solution [15]. Using dense non-porous membranes with rejection properties similar to reverse 
osmosis membranes, the feed solution is concentrated and the draw solution diluted [14,15]. The 
advantages of FO include a high rate of water recovery, minimization of brine discharge, low 
fouling and low energy consumption [16]. However, the viability of FO depends on efficient 
regeneration of the draw solution. The availability of low-grade waste heat during oil and gas 
production provides the possibility of using a thermolytic salt such as NH4HCO3, as a draw solute, 
which can be easily regenerated by heating. Alternatively, nanofiltration or RO may be used to 
concentrate the draw solution. Ge et al. [16] highlighted the importance of optimizing the draw 
solute. 
FO can be a very promising process for treating produced water streams especially as low-
grade waste heat is often present to aid in regenerating the FO draw solution. Unlike RO, FO does 
not require the use of large hydraulic pressures [17].  FO can operate in harsh conditions (on-site) 
with minimal access to electric power and supplies [11].  Mazlan et al. [18] indicated that there is 
effectively no difference in specific energy consumption between FO combined with nanofiltration 
for draw solution recovery and RO treatment of produced waters. 
Although there is no pressure driven convection of rejected species towards the membrane 
in FO, internal concentration polarization (CP) leads to reduced rates of water recovery. Internal 
CP combined with the presence of small, highly fouling organic species can lead to significant 
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flux decline due to fouling when treating produced waters [19]. Maltos et al. [20] reported major 
fouling of FO membranes while treating raw produced water. Thus, pretreatment of the produced 
water prior to FO is essential. 
Numerous pretreatment processes have been considered prior to membrane filtration [21]. 
Biological pretreatment is impractical for treating hydraulic fracturing produced waters due to long 
retention times and the low biodegradability of most of the contaminants [22]. Coagulation, 
adsorption, preoxidation and prefiltration are among the most popular pretreatment methods prior 
to membrane filtration [23]. Chemical pretreatment such as coagulation is frequently used to 
remove colloidal and organic matter [23]. Here we focus on Electrocoagulation (EC) for removal 
of colloidal and dissolved organic compounds that could foul the FO membrane. 
EC is an electrochemical method for treating polluted water whereby sacrificial anodes 
corrode to release active coagulant precursors into solution [24]. Compared to chemical 
coagulation (e.g., using alum), EC provides a number of advantages including simple equipment, 
easy operation, less maintenance, colorless and odorless effluent, low sludge production and 
efficient removal of colloidal particles. Flocs formed by EC are similar to chemical flocs, except 
that EC flocs tend to be much larger, contain less bound water, are acid-resistant and more stable, 
and therefore, can be separated faster [25,26]. Further, in EC there are no moving parts, thus 
requiring less maintenance compared to coagulation where efficient mixing is required. Use of 
electricity, which can be expensive in many places, and regular replacement of sacrificial 
electrodes are two major disadvantages of EC technology [25,27,28]. However, Kobya et al. [25] 
indicated that electrical energy consumption decreases dramatically when the wastewater has 
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higher conductivity due to the presence of dissolved salts.  In case of hydraulic fracturing produced 
waters, the conductivity is high due to high TDS. 
In this study, and for the first time, we investigate the impact of produced water 
pretreatment via EC prior to FO for fouling mitigation and water recovery.  We design and develop 
an EC system as a pre-treatment operation prior to FO. 
4.2. Theory 
4.2.1. Mass Transfer in FO System 
The FO water flux may be represented by [29]: 
𝐽𝑤 = 𝐴 (𝛱𝐷𝑏 − 𝛱𝐹𝑏)           (1) 
where Jw is water flux across the membrane, A is the pure water permeability coefficient, ΠDb and 
ΠFb are the osmotic pressures of the bulk draw and feed solution respectively. The pure water 
permeability coefficient will depend on the resistance to water flow through the membrane. In 





Fig. 1. Effects of internal and external CP.  a) De-ionized (DI) water as feed, b) synthetic 
produced water as feed, c) raw produced water as feed. 
In FO, the high ionic strength draw solution is pumped parallel to the membrane support 
structure. External CP, leading to boundary layer formation adjacent to the support structure, will 
dilute the draw solute relative to the bulk solution. Consequently, the value of 𝛱𝐷𝑏 will be higher 
than the osmotic pressure at the external surface of the support structure. Further, internal CP will 
occur within the support structure which will lead to a further dilution of the draw solute. This will 
lead to a further decrease in the osmotic pressure of the draw solute at the internal surface of the 
membrane barrier layer relative to 𝛱𝐷𝑏. On the feed side of the membrane, an external CP 
boundary layer will form leading to an increase in the solute concentration of the feed at the 
membrane surface relative to the bulk feed. This will lead to an increase in the osmotic pressure 
of the feed relative to 𝛱𝐹𝑏 [30]. 
Fig. 1 (a) shows the variation of osmotic pressure across the membrane for a de-ionized 
(DI) water feed stream and a high concentration NaCl draw solution. A reverse salt flux from the 
draw to the feed side is included [30]. However, it is assumed that the reverse salt flux is low; 
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therefore, there is no external CP boundary layer on the feed side. Fig. 1 (b) shows the variation 
of osmotic pressure across the membrane when the feed consists of NaCl in DI water. This feed 
stream is referred to as synthetic produced water. Due to the presence of NaCl in the feed solution, 
an external CP boundary layer develops on the feed side of the membrane. As can be seen, the 
presence of internal and external CP will lead to a decrease in the osmotic pressure difference 
across the membrane which in turn will lead to a reduced flux. 
In the case of real feed streams, fouling of the membrane by deposition of suspended 
solutes and dissolved organic compounds, will further compromise the permeate flux [31]. Fig. 1 
(c) shows the variation of osmotic pressure for a raw produced water feed stream and a draw 
solution consisting of NaCl in DI water. The fouling of the feed side of the membrane due to 
deposition of suspend solids and dissolved organic compounds is shown. 
Bui et al. [30] have derived the following expression for the water flux during FO: 































]       (2) 
This expression assumes that in the concentration boundary layer the osmotic pressure varies 
linearly with salt concentration. In Eq. (2) kF  and kD are mass transfer coefficients describing the 
transport of water through the external CP boundary on the feed and draw solution side of the 
membrane. For laminar flow (as is the case here), these mass transfer coefficients may be estimated 
from the Sieder-Tate correlation for heat transfer in laminar flow [32]: 






          (3) 
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            (4). 
In Eqs. (3) and (4), dh is the hydraulic diameter defined as 4(cross sectional area)/wetted perimeter, 
v is the average velocity parallel to the membrane, D is the diffusion coefficient of the species 




           (5) 
where W is the width of the channel. Finally, k is either the feed or draw side mass transfer 
coefficient, kf or kd, respectively. 
S is the membrane structural parameter, defined as [30]: 
𝑆 = 𝑡𝑠  
𝜏
𝜖⁄             (6) 
where ts  and  are the thickness, porosity and tortuosity of the support layer. DD is the diffusion 
coefficient of the draw solute while A and B are the water and solute (in this case NaCl) 
permeabilities, respectively. Lay et al. [31] have developed a resistance in series model to account 
for changes in membrane permeability due to fouling. Here, we assume that fouling only occurs 
on the barrier surface of the membrane that faces the feed solution. We further assume that no 
fouling occurs on the membrane support structure. It is assumed that fouling does not affect the 
feed side external CP boundary layer. Finally, we assume that as the reverse salt flux is low, fouling 











            (7) 
where the overall water permeability depends on the membrane permeability (Am) as well as the 
permeability of a fouling layer (Af) on the feed side of the membrane (Fig. 1 (c)). We will use these 
equations to model our experimental results. Table 1 lists the values of the various parameters used 
here. 
Table 1. Values of parameters and their source. 
Parameter Definition Unit Value/Range Comments 
A 
Pure water permeability 
coefficient 










m s-1 bar-1 





m s-1 ≈2.0 – 3.0 (ꓫ 10-7) From [30,33] 
C Concentration mol L-1 0.0 – 5.0 
Used in this 
study 
D 
Solute (NaCl) diffusion 
coefficient  
m2 s-1 1.3 – 4.14 From [34] 
dh Hydraulic diameter m 0.0038 
Calculated in 
this study 
I Current A (Ampere) 0.5 
Used in this 
study 
Jw Water flux m s











Table 1. Values of parameters and their source (Cont.) 





Used in this 
study 
Q Flow rate  L min-1 0.8 
Used in this 
study 
Re Reynolds number  ≈479 - 646 
Calculated in 
this study 
S Structural parameter m ≈450 - 650 From [33] 
Sh Sherwood number  ≈52 - 58 
Calculated in 
this study 
ts Membrane thickness m ≈30 – 52 (ꓫ 10-6) From [35] 
v Velocity  m s-1 0.148 
Used in this 
study 
V Voltage  V (volt) ≈7.5 – 18.2 
Observed in 
this study 
Vr EC reactor volume L (liter) 0.6 






Used in this 
study 
Ɛ Porosity  N/A 
Indirectly 
used in S 
τ Tortuosity   N/A 
Indirectly 
used in S 








Chemical coagulation by adding aluminum sulfate salts (such as alum, Al2(SO4)3.18H2O) 
is frequently practiced [36–38]. Coagulation is a complicated process that is highly pH sensitive, 
and depends on the presence of other dissolved and suspended species. When alum is added, the 
following overall reaction describes what happens immediately after dissolution of the salt: 
𝐴𝑙2(𝑆𝑂4)3. 18𝐻2𝑂 → 2𝐴𝑙
3+ + 3𝑆𝑂4
2− + 18𝐻2𝑂       (8) 
2𝐴𝑙3+ + 3𝑆𝑂4
2− + 18𝐻2𝑂 → 2𝐴𝑙(𝑂𝐻)3 + 6𝐻
+ + 3𝑆𝑂4
2− + 12𝐻2𝑂       (9) 
Besides Al(OH)3, several other mononuclear complexes such as AlOH
2+, Al(OH)2
+, Al(OH)-4, etc. 
also form depending on the pH and other dissolved species present. As indicated by Eqs. (8) and 
(9), hydrolysis of the coagulant leads to a decrease in pH. As the concentration of aluminum in 
solution increases and the solution ‘ages’, polynuclear aluminum complexes form and aluminum 
hydroxide precipitates as given by the following general scheme according to complex 
precipitation kinetics [25]; 
𝐴𝑙3+ + 𝑛 𝑂𝐻− → 𝐴𝑙(𝑂𝐻)𝑛
3−𝑛 → 𝐴𝑙2(𝑂𝐻)2
4+ → 𝐴𝑙𝑛(𝑐𝑜𝑚𝑝𝑙𝑒𝑥) → 𝐴𝑙(𝑂𝐻)3(𝑠)  (10) 
Formation of the various polymeric species is important in the coagulation process. 
Precipitation and adsorption of the aluminum species with colloidal matter have been proposed as 
the two main mechanisms of coagulation, both of which are highly pH dependent. In the case of 
EC, the following electrode reactions occur [39]: 
Anode:  𝐴𝑙 → 𝐴𝑙3+ + 3𝑒−        (11) 
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−      (12) 
Other reactions are also possible depending on the other dissolved ions in solution [25,26]. 
Analogous to coagulation by alum addition, the Al3+ and OH- ions from various monomeric species 
such as Al(OH)2+ , Al(OH)2
- and also polymeric species such as Al6(OH)15
3+  and Al7(OH)17
4+, again 
eventually transforming to Al(OH)3 with a large surface area that can adsorb organic compounds 
and also trap suspended particles [25]. Finally, Al(OH)3  flocs (with adsorbed organics and 
colloidal particles) will polymerize and deposit according to the following reaction [40]: 
𝑛 𝐴𝑙(𝑂𝐻)3 → 𝐴𝑙𝑛(𝑂𝐻)3𝑛          (13) 
While the fundamental chemical reactions for alum based coagulation and EC are similar, 
there are a number of advantages to EC [41]. In EC, the coagulant is produced in situ as the anode 
is consumed; thus, no addition of liquid coagulant is needed. Hydrolysis of the coagulant does not 
lead to a decrease in pH (consumption of alkalinity). EC requires less coagulant and produces less 
sludge [42]. Addition of sulfate ions (or other counter ions) is not required. 
4.3. Experimental 
4.3.1. Produced Water 
Produced water samples were collected from Southwestern Energy (Houston, TX) shale 
gas production facilities in Fayetteville, Arkansas and were characterized at the Arkansas Water 
Resources Center, University of Arkansas. In addition to the inorganic composition of the 
wastewater samples, TDS, total suspended solids (TSS), total organic carbon (TOC) and turbidity 
were measured. Cations and anions present were measured using Spectro Genesis ICP OES 
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(Kleve, Germany) and Dionex DX-120 ion chromatograph (Sunnyvale, CA), respectively. TDS 
and TSS were measured using EPA standard methods 160.1 and 160.2 [43], respectively. TOC 
was measured using a Skalar Formacs TOC analyzer (Breda, Netherlands) and turbidity was 
measured using a Turb 550 (WTW, Weilheim, Germany) turbidity-meter. Accuracy of the 
chemical analysis was checked by the principle of electroneutrality, using the percent difference 
between sum of anions and cations in equivalent weight per liter. 
4.3.2. EC 
The EC setup consisted of a polycarbonate vessel (600 mL), five electrodes with an active 
surface area of 180 cm2 (6061 aluminum alloy, Sapa, Rosemont, IL) and a DC power source 
(Hewlett Packard, Palp Alto, CA). As shown in Fig. 2, the electrodes were placed vertically in the 
reactor with an 8 mm spacing between them. The first and last electrodes were connected to the 
DC power source and acted as the cathode and anode, while the other three were bipolar and not 
connected to the DC power source. All EC experiments were carried out in batch mode. The 
current was maintained at 0.5 A (equivalent to current density of 2.78 mA cm-2) during each 
experiment. The voltage was recorded every 20 seconds. Different reaction times were 
investigated. After EC, wastewater samples were transferred to a separatory funnel for 
sedimentation. After 6 h of sedimentation, the deposited sludge was removed from separatory 




Fig. 2. EC setup. 
 
4.3.3. Forward Osmosis Membrane 
Cellulose triacetate (CTA) membranes with an embedded polyester screen support (HTI, 
Albany, OR) were used as the salt rejecting semi-permeable FO membrane [44–47]. Membranes 
were received in flat sheets containing glycerin in order to protect the membranes during shipping. 
CTA membranes were soaked in DI water for 2 h and rinsed with DI water several times before 
use. 
4.3.4. Forward Osmosis Setup 
Fig. 3 is a schematic representation of the FO apparatus. A polycarbonate tangential flow 
cell, with 33.75 cm2 effective surface area and 2 mm channel depth, was used. In order to provide 
mechanical support to the membrane and also to mitigate fouling, a mesh spacer (XN4510) was 
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acquired from Industrial Netting (Minneapolis, MN) to fill the channels on both sides of the 
membrane cell. Feed was circulated on the active (shiny) surface of the membrane with a flow 
velocity of 14.8 cm s-1 (0.8 L min-1) and draw solution circulated on the opposite side of the 
membrane (support layer) with the same flow velocity using two peristaltic pumps (Masterflex 
I/P, Cole Parmer, Vernon Hills, IL). The feed and draw solution were returned to their respective 
reservoirs. A computer-connected analytical balance (Mettler Toledo, Columbus, OH) recorded 
the reduction in weight of the feed, which was used to calculate the water flux. Feed and draw 
solution temperatures were monitored with digital thermometers employing k type thermocouples. 
In addition, a digital conductivity-meter (VWR, Radnor, PA) was placed in the feed tank to record 
the conductivity of the feed. 
 




4.3.5. FO Experiments 
For each FO experiment, a CTA membrane coupon was first placed inside the membrane 
cell. Feed and draw solution tanks were filled with 2 L of feed and 4 L of 4 M NaCl in DI water, 
respectively. The peristaltic pumps were started and both feed and draw solutions were recirculated 
back to their respective tanks while bypassing the membrane module (see Fig. 3), until the 
temperature was stabilized at 23±1 °C for both streams. Then feed and draw solution streams were 
allowed to flow on opposite surfaces of the CTA membrane inside the module at the same flow 
rate of 14.8 cm s-1 (0.8 L min-1). Counter current flow continued until 600 mL of permeate was 
recovered. 
Table 2 lists the feed streams tested. Using DI water as the feed stream the reverse salt flux 
was measured. Testing with a model produced water, containing the same TDS as raw produced 
water by addition of NaCl to DI water, was conducted in order to determine membrane 
performance in the absence of colloidal and dissolved organic species. Produced water as received 
as well as after EC was tested. Some experiments were run for 24 hours in order to determine 
membrane performance over longer periods. In addition, the effect of changing the NaCl 
concentration in the draw solution was investigated. Finally, a high recovery FO experiment was 







Table 2. FO experiments conducted.   
Experiments Feed Draw solution Length of experiment 
Reverse salt flux 
measurement 
DI water 4 M 


















Until 600 mL permeate 
was collected 




Range of 1 to 5 M 






4 M 24 hours 
Ammonium bicarbonate 








4.3.6. Scanning Electron Microscopy (SEM) 
SEM using a Nova Nanolab 200 Duo-Beam Workstation (FEI, Hillsboro, Oregon) was 
used to observe changes in the membrane surface before and after FO. SEM images were taken of 






4.4. Results and Discussion 
4.4.1. Produced Water Characterization 
Characteristics of the produced water prior to EC (as received) and after EC for reaction 
times of 1, 2 and 3 min are shown in Table 3. As it can be seen, there are three main categories of 
contaminants; dissolved solids, suspended solids and organic matter. In this study, pretreatment 
was employed to remove organic matter and suspended solids. 
Table 3. Characterization of raw produced water as well as pretreated produced water by EC. 




1:00 min EC 
Reaction 
Time 
2:00 min EC 
Reaction 
Time 
3:00 min EC 
Reaction 
Time 
TDS mg L-1 23254.8 22833.2 21791.6 21514.7 
TSS mg L-1 639.1 294.0 25.6 24.8 
TOC mg L-1 154.7 89.7 27.8 27.5 
Turbidity NTU 117.1 12.8 3.51 2.34 
pH - 7.74 7.83 7.88 8.05 
Chloride mg L-1 12717 12355 12101 11841 
Nitrate mg L-1 1.90 2.23 1.19 1.94 
Sulfate mg L-1 123.35 119.44 111.86 104.69 
Aluminum mg L-1 0.00 0.27 0.65 0.71 
Barium mg L-1 3.36 0.97 2.13 2.23 
Boron mg L-1 14.80 11.29 13.15 8.65 
Calcium mg L-1 169.12 171.31 120.08 137.48 
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Table 3. Characterization of raw produced water as well as pretreated produced water by EC. 




1:00 min EC 
Reaction 
Time 
2:00 min EC 
Reaction 
Time 
3:00 min EC 
Reaction 
Time 
Iron mg L-1 0.08 0.02 0.14 0.94 
Lead mg L-1 0.03 0.01 0.01 0.01 
Magnesium mg L-1 35.07 31.28 29.93 34.76 
Potassium mg L-1 27.91 28.81 24.77 21.34 
Selenium mg L-1 0.202 0.15 0.16 0.22 




% < 2.0 < 0.5 < 0.5 < 1.0 
 
4.4.2. EC Performance 
During EC pretreatment, Al3+ and OH- ions produced by the electrodes (Al3+ at the anode 




4+ . These monomeric and polymeric species eventually turn into amorphous 
Al(OH)3(s) with large surface area [48]. The Al(OH)3(s) remains in the aqueous phase in the form of 
a gelatinous suspension that can remove organics and suspended solids from the produced water 
by either complexation, electrostatic attraction, followed by coagulation and flotation or 
sedimentation [49].  The remainder of the positively charged aluminum species such as Al(OH)2+ 
contribute to the destabilization of the organic macromolecules by charge neutralization, 
producing X-Al complexes (X representing negatively charged organic compounds).  X-Al 
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complexes are then agglomerated as neutral colloidal entities and then carried up by hydrogen gas 
flotation or precipitated by sedimentation [50,51]. On the other hand, presence of negatively 
charged Al(OH)4
- restricts the adsorption and complexation by charge repulsion. However, in the 
pH range of 6 to 8 (here 7.73), conditions for rapid formation of Al(OH)3(s) solids prevail and 
removal most likely occurs by adsorption [51].  
Fig. 4 shows the coagulation process from the moment that produced water is placed in 
separatory funnel. While the voltage is applied in the EC reactor, various Al species are produced 
at the anode.  After transferring the water sample from the EC reactor to the separatory funnel, 
formed Al species will continue the coagulation process that was started in the EC reactor (Fig. 
4a).  Al species in solution agglomerate organic species as well as suspended solutes (Fig. 4b) 
which leads to the development of low-density flocs. The low-density flocs are driven to the liquid-
air interface by the rising hydrogen bubbles produced at the cathode. As the flocs accumulate at 
the liquid-air interface they aggregate, densify and sink to the bottom (Fig. 4c). Thus, three 
different zones exist in the separatory funnel: the region next to the liquid-air interface contains 
low-density flocs; the middle region contains clear water while aggregated flocs collect at the 
bottom. The water from the middle region was removed after 6 hour sedimentation and used as 





Fig. 4. Pretreated wastewater inside separatory funnel at: a) beginning of the coagulation process, 
b) transition stage and c) after sedimentation for 6 hours. 
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Different parameters can affect EC performance including current, voltage, reaction time, 
electrode material, etc. Here, we try to optimize the electrochemical reaction time by applying a 
fixed current 0.5 A for all experiments. Reaction times in the range of 1 to 3 min were tested. 
Water recovered after EC was characterized in terms of TSS, TOC and turbidity. Fig. 5 gives the 
removal of each of these parameters as a function of reaction time. The removal and energy 
consumption are both functions of reaction time. As expected, longer reaction times resulted in 
higher TSS, TOC and turbidity removal. Table 3 gives the characteristics of pretreated produced 
water for reaction times of 1, 2 and 3 min. As can be seen, the TDS did not change much after EC. 
Results in Fig. 5 show that the removal of TSS and TOC tend to plateau after a reaction time of 2 
min. 
The voltage was recorded every 20 seconds. Due to the generation of ionic species during 
EC, the voltage was decreased to ensure a constant current of 0.5 A. The electrical energy 
consumption per volume during EC was calculated using Eq. (14) [25]: 
𝐸 =
𝑉 ꓫ 𝐼 ꓫ 𝑡
𝑉𝑟
            (14) 
where V is average voltage, I is applied current, 𝑡 is reaction time and Vr is volume of feed water. 
Increasing the EC reaction time from 1 to 3 min resulted in over 75 percent increase in turbidity 
and TOC removal as well as over 10 percent increase in TSS removal. Higher removal was 
achieved for longer reaction times which resulted in higher energy consumption. However, 




Fig. 5. Removal efficiency of turbidity, TSS and TOC as a function of EC reaction time. Energy 
consumption of EC process as a function of reaction time is shown on the secondary vertical axis. 
 
4.4.3. FO Performance  
4.4.3.1. DI Water Feed  
FO experiments were carried out using DI water as the feed in order to determine the 
reverse salt flux. The results were also used to fit Eq. (1) and determine values for A and B. As it 
can be seen, the average Reynolds number is 561 (see Table 1). For flow in channels (rectangular 
duct), the critical Reynolds is 1500 [52] indicating laminar flow. The draw solution consisted of 4 
M NaCl. The feed and draw solution were pumped countercurrent to the barrier and membrane 
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support layer, respectively.  Though the critical Reynolds number is likely to be lower for spacer 
filled channels, the Reynold number in these experiments is much less than 1,500. Thus, we 
assume laminar flow. 
Fig. 6 shows the variation of water flux and conductivity as functions of permeate volume. 
Values of 3ꓫ10-7 m s-1 bar-1 and 2ꓫ10-7 m s-1 where used for A and B respectively in Eq. (2) in 
order to model the water flux as a function of permeate volume (dashed line). As can be seen in 
Fig. 6, the flux decline occurs simultaneously with an increase in feed conductivity. The 
conductivity increases due to the reverse salt flux, i.e., salt passage, from the draw solution to feed 
(DI water).  
The reverse salt flux was found to be 29.17 g m-2 h-1. It was calculated by multiplying the 
rate of change of feed concentration with time by the volume of the feed solution and then dividing 
by the area of the membrane after 600 mL of feed solution had passed through the membrane [33].  
Cath et. al. [33] reported that the reverse salt flux for CTA membranes to be less than 25 g m-2 h-1 
when 1 M draw solution is used.  Boo et. al. [19] reported the reverse salt flux for a CTA membrane 
to be ≈0.24 mol m-2 h-1 (≈14 g m-2 h-1) with 0.5 M draw solution. Our results are in keeping with 
these earlier results as the concentration of our draw solution is 4 M. It is important to realize that 
the error in empirical mass transfer correlations is on the order of 10% [53].  Consequently, error 
sin A and B are likely to be of at least a similar order. 
As can be seen from Fig. 6, the water flux declines slightly during the experiment. This is 
due to the increase in conductivity of the feed and decrease in conductivity of the draw solution 
due to dilution of the draw solution. The reverse salt flux is very low. For a membrane area of 
33.75 cm2 and a run time of 9 h and 8 min (time taken for 600 mL to transfer from feed to draw 
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solution) the total mass of NaCl transferred is 0.89 g.  No noticeable deposition on the membrane 
support was observed. 
 
Fig. 6. Water flux and conductivity as functions of permeate volume for feed and draw solutions 
consisting of DI water and 4 M NaCl in DI water, respectively. 
 
4.4.3.2. FO Experiments with Synthetic, Raw and Pretreated Produced Water 
FO experiments were conducted using synthetic, raw and pretreated produced waters. The 
synthetic produced water consisted of 23,254 mg L-1 (0.4 M) NaCl in DI water. This represents 
the same TDS as the raw produced water (see Table 3). Fig. 7 shows the variation of water flux 
with the permeate volume. The water flux decreases for all feed streams as water is transferred 
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from the feed to the draw solution. The predicted water flux, dashed line, using the values of A 
and B that gave the best fit for a DI water feed (3ꓫ10-7 m s-1 for A and 2ꓫ10-7 m s-1 for B, see Figure 
6) is in excellent agreement with results obtained for the synthetic produced water flux. However, 
in the case of raw or pretreated produced water, membrane fouling leads to a lower water flux. 
Improved removal of TSS and TOC, by increasing the EC reaction time, leads to improved flux. 
 
Fig. 7. Water flux as a function of permeate volume for synthetic, non-pretreated and pretreated 
(2 min and 1 min EC reaction times) produced water. 
Fig. 8 gives the corresponding SEM images of the membrane barrier layer after FO using 
the 4 feed streams tested in Fig. 7. Comparing Fig. 7 and 8, the greater the degree of deposition 
the lower the flux after removal of the same permeate volume. Comparing Fig. 7 and Table 2, the 
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more effective the removal of TSS and TOC during pretreatment, the less deposition on the 
membrane surface and the greater the permeate flux. 
 
Fig. 8.  SEM images of the membrane barrier layer after FO.  (a) synthetic produced water, (b) 
produced water pretreated with 2.0 min EC reaction time; (c) produced water pretreated with 1.0 
min EC reaction time, d) non-pretreated produced water 
Figs. 7 and 8 indicate that the observed decrease in flux for real produced waters compared 
to synthetic produced water is due mainly to adsorption of rejected species, suspended solids and 
dissolved organic compounds, on the membrane active surface. Using Eq. (7), we have modeled 
this decrease in flux in terms of a change in the water permeability coefficient of the membrane. 
Fig. 9 gives the calculated water permeability coefficient of the fouling layer Af for pretreated and 
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non-pretreated produced waters. As can be seen, the permeability of fouling layer decreases as the 
permeate volume increases. 
 
Fig. 9.  Water permeability coefficient of fouling layer (Af) as a function of permeate volume for 
pretreated (2 min and 1 min EC reaction time) and non-pretreated produced water. 
 
4.4.4. Effect of Draw Solution Concentration on FO Performance 
In order to verify the utility of Eqs. (2) and (7) at predicting the permeate flux during FO, 
additional experiments were conducted using produced water pretreated with 2.0 min EC reaction 
time. The NaCl concentration in the draw solution was varied from 1 to 4 M. Fig. 10 gives the 
water flux as a function of NaCl concentration in the draw solution after 600 mL of permeate has 
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been recovered. The dashed curve gives our model prediction. The value of Af, the water 
permeability of the fouling layer, was taken from Fig. 9 for produced water pretreated with 2.0 
min EC reaction time after recovery of 600 mL of permeate. Fig. 10 indicates that while an increase 
in activity of the draw solution will lead to an increase in permeate flux the increase is not linear. 
As can be seen, as the NaCl concentration deviates from 4.0 M, the difference between the 
predicted and experimentally determined fluxes increases. This is not unexpected.  
At lower NaCl concentrations, the reverse salt flux will be less. The external and internal 
CP boundary layers on the draw solution side will be altered by changes in the NaCl concentration 
in the draw solution. Further, Boo et al. [19] indicate that a decrease in draw solution concentration 
results in a decrease in the level of fouling. Fouling will depend on the water flux as well as the 
concentration of foulants in the feed solution. Since the value of Af used here was for a 4.0 M NaCl 
draw solution, it is not surprising that our predicted flux is less than the observed flux for lower 
NaCl concatenation draw solutions. Analogously, for draw solutions containing more than 4.0 M 
NaCl, our model over-predicts the permeate flux. 
The results obtained here indicate the importance of considering the various mass transfer 
resistances that exist as water is transferred for the feed to the draw solution. Further for real 
produced waters, membrane fouling can be significant. Predicting changes in water permeability 
due to membrane fouling is complex as it depends on several factors including (e.g. draw solution 




Fig. 10.  Variation of water flux with draw solution concentration.  All experiments continued 
until 600 mL permeate was recovered.  Pretreated produced water, 2 min EC reaction time, was 
used as the feed. 
 
4.4.5. Effect of EC Pretreatment on Water Recovery 
The economic viability of FO will depend on the cost of the recovered water or the total 
volume of permeate. While EC leads to higher permeate fluxes, it is the increase in water 
recovery versus the additional cost of the EC step that will determine the economic viability of 
the process. In addition, membrane cleaning and regeneration costs will have to be considered. 
Fig. 11 gives the volume of recovered water as a function of time. For this specific set of 





Fig. 11. Water recovery for raw and pretreated (2 min EC reaction time) produced water. 
Experiments were conducted in 24 hours. 
Besides maximizing water recovery while minimizing cost, the feasibility of developing a 
combined EC-FO system for recovering produced water will depend on a number of other factors. 
Suitable FO membranes and adequate EC pretreatment of the feed to suppress fouling is essential. 
Development of efficient cleaning protocols for membrane regeneration will be necessary as well 
as the availability of a draw solution that has a high enough activity such that the activity difference 
between the feed and draw solution is sufficient to lead to practical permeate fluxes and water 
recovery. 
Recovery and reuse of the draw solute is essential when considering FO[54]. McCutcheon 
et al. [55] introduced the mixture of two highly soluble gases, ammonia and carbon dioxide, as a 
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low-cost, effective and regenerable draw solution. This draw solution is made by dissolving 
ammonium bicarbonate in water. In addition to NaCl, we have investigated the effect of EC 
pretreatment on water recovery by FO using 2 M ammonium bicarbonate as draw solution. Figure 
12 represents the volume of recovered water as well as water recovery as functions of time. As can 
be seen, 2 min EC pretreatment resulted in 19 percent water recovery increase over 32 hours of 
experiment.  In a practical applications loss of the draw solute must be investigated as this will 
affect the viability of the process [56,57].  Finally, the cost of a combined EC FO process must be 
compared to current treatment options such as trucking to a centralized treatment facility as well 
as the benefit of recovering water for reuse on site. 
 
Fig. 12. Water recovery for raw and pretreated (2 min EC reaction time) produced water. 1 L 
raw/pretreated PW and 1 L of 2 M ammonium bicarbonate solutions were used as feed and draw 




4.5. Conclusion   
Here we have focused on pretreatment of a produced water feed stream prior to FO. We 
show that significant fouling and consequently, a drop in flux will occur when treating hydraulic 
fracturing produced waters due to the presence of high values of TOC and TSS. We show that EC 
prior to FO significantly reduces membrane fouling. Though NaCl is used as the draw solute, 
development of an actual combined EC-FO process will require the use of a draw solute that can 
be economically recovered. Further, cross-over of the draw solute into feed will affect the viability 
of the process. We show that for an EC reaction time of two min as a pretreatment step, over 70% 
reduction of TSS, TOC and turbidity results. Over a 24 hour period, suppression in fouling due to 
this pretreatment, leads to close to 21% increase in water recovery.  
Pretreatment of hydraulic fracturing flowback waters will be essential if membrane-based 
separation processes such as FO are to be used to treat these highly impaired waters. The permeate 
flux may be predicted by using a resistance in series model to account for internal and external CP 
as well as fouling of the membrane barrier layer by adsorbed species in the produced water. EC 
units with a small footprint could be integrated with a FO system. The economic feasibility of the 
process will depend on the cost of the recovered water, membrane lifetime and recovery and reuse 
of the draw solute. 
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Chapter 5. Integrated Electrocoagulation - Forward osmosis – Membrane Distillation 
System for Sustainable Water Recovery from Hydraulic Fracturing Produced Water 
Abstract 
Forward osmosis (FO) and membrane distillation (MD) are emerging technologies of interest 
for the treatment of high salinity brines.  In this study, we aim to demonstrate the feasibility of an 
integrated FO-MD system for water recovery from actual high salinity produced waters obtained 
from shale gas extraction facilities.  In the proposed hybrid system, FO draws water from high 
salinity feed, while MD regenerates the diluted FO draw solution.  We show that this process 
integration can combine the advantages of both processes; low fouling tendency and high quality 
permeate.  We further integrated the FO-MD system with an electrocoagulation (EC) system as 
pretreatment and showed a stable performance with minimal fouling.  EC removed TOC and TSS 
by up to 78 and 96%, respectively.  We studied the impact of experimental conditions (temperature, 
flow velocity and draw solution concentration) on performance of the integrated system in short-
term experiments.  In addition, we conducted long-term experiments using two different produced 
waters. We show that in order to achieve continuous high recoveries with maximized water flux, 
a combination of two MD membranes can provide a viable solution.  
5.1. Introduction 
The largest waste stream produced within the oil and gas industry is produced water (PW), 
with an annual estimated volume of 21 billion barrels in the United States (US) [1].  Discharging 
untreated PW, containing various organic and inorganic components, can pollute surface and 
underground water and soil.  Major contaminants in PW (oil content and salinity) can be reduced 
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through various physical, chemical, and biological methods [2].  However, treating the vast 
amounts of PW in a cost-effective way, sometimes in remote locations, demands advanced 
solutions, often a combination of several separation processes, so the water can be safely 
discharged or re-used for other applications [3]. 
Hydraulic fracturing and horizontal drilling have enabled the oil and gas industry to rapidly 
develop a large number of unconventional oil and gas reserves over the past two decades [4].  The 
amount of dry natural gas produced directly from unconventional resources was increased from 
0.3 trillion cubic feet (Tcf) in 2000 to 15.8 Tcf in 2016 [5,6].  The hydraulic fracturing process 
generates large volumes of PW, ranging from 1.7 to 14.3 million L per well in the first 5-10 years 
of production, requiring management [7].  The hydraulic fracturing PW mainly consists of injected 
fracturing fluid and naturally occurring formation brines and it usually represents high levels of 
total dissolved solids (TDS) (from 650 up to 400,000 mg L-1) [7].  Deep-well injection has been 
the most common hydraulic fracturing PW management practice in the U.S. over the past two 
decades [8–10].  However, costs as well as environmental concerns associated with deep-well 
injection necessitate development of cost-effective and environmentally friendly technologies for 
treatment of these wastewater streams, with primary consideration of TDS reduction [10].  A 
number of treatment technologies are under investigation, such as forward osmosis (FO) [11], 
membrane distillation (MD) [12], electrodialysis [13] mechanical vapor compression [14], multi-
effect distillation [15] and ion-exchange [16].  In this study, we focus an integrated FO-MD system. 
FO has the potential to treat high TDS PW and generate high quality permeate.  In FO, the 
osmotic pressure difference is the driving force for water transport from the feed to a high 
concentration draw solution (DS) across a semi-permeable membrane [17].  The FO process results 
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in concentration of the feed stream and dilution of the DS.  The main advantages of using FO are 
operation at low or no hydraulic pressures, high rejection of a wide range of contaminants, simple 
equipment requirement and lower membrane fouling propensity than pressure-driven membrane 
processes such as reverse osmosis (RO) [18,19].  Research in the field of FO membrane technology 
has grown significantly over the last 10 years, but its real application in the scope of PW treatment 
has been much slower [20].  One of the main challenges associated with the widespread use of FO 
is the efficient regeneration of DS.  In continuous FO operation, diluted DS must be repeatedly 
regenerated, using a thermodynamically favorable re-concentration system, in order to separate 
the original DS from the product water [17,20].  A range of processes have been investigated 
regarding DS recovery and reuse, including: conventional distillation, multi-stage flash, 
electrodialysis, RO, nanofiltration (NF), etc. [21–28].  The chosen recovery system depends on the 
type of application and solute, the recovery rate required and the energy consumption of the unit.  
For hydraulic fracturing PW treatment, high feed TDS leads to use of high DS concentration.  RO 
and NF require elevated pressures when dealing with high TDS DS (e.g. 380 bar at 365,000 mg L-
1 sodium chloride in de-ionized (DI) water) [29].  Here, we focus on MD regarding DS recovery.   
MD is a thermally-driven separation technology whereby the water recovery from the hot feed 
takes place by the following steps: vaporization, transfer across a hydrophobic microporous 
membrane and condensation in the permeate side [12,30].  The vapor pressure difference across 
the membrane is the driving force for MD.  Integrated FO-MD system has the potential for 
sustainable treatment of high TDS PW and production of clean product water.  MD can offer 
complete rejection of nonvolatile substances in DS and its efficiency is relatively independent of 
DS concentration [31].  In the hybrid FO-MD system, FO draws water from the feed solution, 
while MD re-concentrates the diluted DS and produces clean product water.  The integrated FO-
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MD process combines the advantages of both processes, providing low fouling tendency and high 
permeate quality [32].  In addition, high operational temperature (e.g. 50-70 ⁰C) in MD can result 
in higher recycled DS temperature and consequently, higher flux in FO as the FO driving force is 
a linear function of temperature [33].  Use of MD can be a favorable and cost-effective method for 
DS re-concentration, specifically when low-grade waste heat is abundant.  So far, only a limited 
number of studies on hybrid FO-MD have been reported in the literature for wastewater treatment 
and feed solution concentration [21,31,33].   
Although the fouling tendency of FO is thought to be lower than RO, NF and MD, the presence 
of small, highly fouling suspended and organic species combined with internal concentration 
polarization can lead to significant membrane fouling and flux deterioration when treating real PW 
streams with FO [19].  Maltos et al. [20] and Bell et al. [34] reported major fouling of FO 
membranes while treating raw PW  In our previous work [11], we have demonstrated that a 
pretreatment step prior to FO can successfully suppress fouling during FO and increase water 
recovery.  Here, we aim to further modify the hybrid FO-MD system by adding a pretreatment 
step.  Electrocoagulation (EC) is our proposed pretreatment method.   
EC is a physio-chemical method where the separation of suspended particles and dissolved 
macromolecular organic species from the feed water takes place by means of electrically forced 
dissolution of coagulant precursors into solution followed by flocculation, charge neutralization 
and consequently, phase separation (sedimentation or floatation) [11,35].  Although the chemical 
basis of EC is similar to conventional coagulation (e.g. alum and ferric chloride coagulation), it 
can provide the following advantages: lack of moving parts, ease of operation, reduced sludge 
production, minimal use of added chemicals and low operating costs [36–38].  In addition, EC 
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requires relatively low electrical energy input when treating wastewater streams with high 
conductivity, making it a favorable pretreatment for high TDS PW [39].   
Here, we aim to demonstrate the feasibility and stability of the integrated EC-FO-MD process 
in water recovery from high salinity PW streams.  We show that this process integration can be 
used to systematically enhance and reconcile various objectives, such as cost effectiveness, 
recovery and energy efficiency.  Fig. 1 presents the concept of integrated EC-FO-MD process. 
 
Fig. 1.  Concept of integrated EC-FO-MD process.  EC pretreats the feed PW, FO draws water 
from the pretreated PW and MD re-concentrates the diluted DS.  Integrated process combines the 









5.2. Summary of Theoretical Background 
5.2.1. Electrocoagulation 
The following reactions occur in the EC reactor when using aluminum electrodes [40]: 
Anode:  𝐴𝑙(𝑠) → 𝐴𝑙(𝑎𝑞)
3+ + 3𝑒−        (1) 
Cathode:  2𝐻2𝑂 + 2𝑒
− → 2𝑂𝐻− + 𝐻2       (2) 
Analogous to chemical (alum) coagulation, the produced Al3+ and OH- ions form variety of 
aluminum hydroxide species such as Al(OH)2+, Al(OH)2
+, Al(OH)4
- [11,41].  These species 
develop polynuclear complexes (coordination compounds containing two or more Al atoms) while 
the solution ages and transform to amorphous Al(OH)3(s) solids governed by complex-precipitation 
kinetics [39]: 
As the solution ages: 𝐴𝑙𝑛(𝑂𝐻)𝑚
(3𝑛−𝑚)+ → 𝑛 𝐴𝑙(𝑂𝐻)3(𝑠)     (3) 
With their large surface area, Al(OH)3(s) solids can adsorb organic compounds, polymerize and 
trap suspended particles and finally, deposit as settable flocs according to Eq. (4) [42]: 
Deposition:  𝑥 𝐴𝑙(𝑂𝐻)3 → 𝐴𝑙𝑥(𝑂𝐻)3𝑥       (4) 
Electrical energy consumption of the EC system can be calculated using the following equation: 
𝐸 =
𝐼 ꓫ 𝑉 ꓫ 𝑡
𝑉𝑟 
            (5) 
where I is applied current, V is average voltage, 𝑡 is EC reaction time and Vr is reactor volume. 
140 
 
5.2.2. Forward Osmosis 
The FO water flux can be represented by Eq. (6): 
𝐽𝐹𝑂 = 𝐴 (𝜋𝐷𝑆 − 𝜋𝐹)           (6) 
where JFO is the transmembrane water flux, A is the pure water permeability coefficient and πDS 
and πF are the osmotic pressure of the bulk draw and feed solutions, respectively.  The pure water 
permeability coefficient (A) depends on the resistance to water flow through the membrane, while 
the osmotic pressures are mainly a function of solution concentration and temperature [43].  In a 
real FO operation, permeability is compromised by internal and external concentration polarization 
[11,44].  The following expression may be used to model the water flux during FO, assuming the 
osmotic pressure varies linearly with salt concentration within the concentration boundary layer:  































]       (7) 
where kF  and kDS are feed and DS convective mass transfer coefficients, S is membrane structural 
parameter, B is solute permeability coefficient and DDS is solute diffusion coefficient [43].  In this 







5.2.3. Membrane Distillation 
Water Flux across a hydrophobic membrane in MD may be represented as: 
𝐽𝑀𝐷 = 𝐶 (𝑃ℎ − 𝑃𝑐)          (8) 
where JMD is transmembrane water flux, C is membrane permeability coefficient and Ph and Pc are 
partial pressure of water across the MD membrane in the hot and cold streams, respectively [30].  
The membrane permeability coefficient is a function of different resistances in series for water 
transfer across the membrane including viscous, molecular and Knudsen diffusion and it strongly 
depends on the MD configuration.  In direct contact MD (DCMD) (most commonly used and the 
focus in this study), the impact of viscous flow is negligible and vapor transfer is dominated by 
molecule-molecule and molecule-pore wall collisions [30].  The reduced Knudsen-molecular 
diffusion model (Eq. (9)) may be used to predict the water flux during DCMD when considering 







)          (9) 
where Mw is molecular weight of water, R is universal gas constant, δ is membrane thickness, Tm 
is average temperature of the hot and cold streams across the membrane and pa is the partial 
pressure of the stagnant air within the membrane pores.  Dk and Dm are Knudsen and molecular 









          (10) 





2.334         (11) 
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where Ɛ is the membrane porosity, r is the average pore radius and τ is membrane tortuosity.  For 
membranes with very small pore sizes (e.g. 0.02 µm), the mean free path of water vapor molecules 
is much larger than the average pore size and the mass transfer is more likely controlled by 
Knudsen diffusion (molecule – pore wall collisions) [30,47].  Thus, membrane permeability 




           (12) 
Eqs. (9) to (12) along with the mathematical modeling procedure described by Yun et al. [45] are 
used to estimate the water flux across the MD membrane in DCMD configuration.   
5.3. Experimental 
5.3.1. Produced Water Samples 
PW samples were received from Southwestern Energy (Houston, TX) shale gas production 
facilities in Pennsylvania (Marcellus shale) and Arkansas (Fayetteville shale).  PW samples were 
passed through a 300 µm stainless steel mesh screen (Twp Inc. Berkley, CA) prior to storage at 4 
⁰C in order to remove larger particulate matter.  All samples were analyzed at the Arkansas Water 
Resources Center, University of Arkansas.  The following parameters were measured: TDS, total 
suspended solids (TSS), total organic carbon (TOC) and turbidity.  TDS, TSS and TOC were 
measured using EPA standard methods 160.1, 160.2 and 415.1 [48], respectively.  Turbidity was 
measured using a Turb 550 (WTW, Weilheim, Germany) turbidity-meter.  In addition, the 
inorganic composition of PW samples were analyzed using EPA methods 200.7 (for cations) and 
300.0 (for anions), respectively.  Electroneutrality of each sample (percent difference between the 
143 
 
sum of anions and cations in equivalent weight per liter) was calculated to ensure the accuracy of 
the chemical analysis.   
5.3.2. Electrocoagulation 
Aluminum-based EC was employed as the primary pretreatment method.  A schematic 
diagram of the EC setup is given in Fig. 2.  As can be seen, 5 aluminum electrodes (6061 aluminum 
alloy) with total surface area of 0.18 m2 were placed in a 0.6 L polycarbonate reactor.  A DC power 
source (Hewlett Packard, Palp Alto, CA) was connected to the anode and cathode (first and last 
electrodes) and was used to provide the required electrical current for the EC experiments.  The 
current density was maintained at 2.78 mA cm2 by continuous adjustment of voltage using the DC 
power source.  All experiments were run for 2 min, based on optimization results obtained in our 
previous publication [11].  After each EC run, electrocoagulated water was transferred to a 1 L 
glass separatory funnel for aging and phase separation.  After 6 h aging time, deposited flocs 
(bottom) and floating skimmings (top) were wasted and the clear portion of water (middle section) 




Fig. 2.  Schematic diagram of the EC reactor and phase separation funnel.  The anode and cathode 
are connected to the DC power source.  Positively charged aluminum ions are released at anode 
and hydroxide ions are produced at the cathode following water hydrolysis. After 6 h 
sedimentation time, flocs are deposited at the bottom of the separatory funnel, with light flocs 
floating on the top.  
 
5.3.3. Membranes 
Flat sheet cellulose triacetate (CTA) membranes with an embedded polyester mesh support 
were acquired from HTI (Albany, OR) and used as the FO membrane.  CTA membranes have been 
widely investigated by a number of researchers [11,49–52].  The CTA membranes were soaked in 
DI water for 2 h and rinsed with DI water several times before use in order to remove the glycerin 
in which they are shipped. 
Following hydrophobic membranes were used in MD experiments: Ethylene 
chlorotrifluoroethylene (ECTFE) copolymer, provided by 3M (Maplewood, MN) and 
polytetrafluoroethylene (PTFE), provided by Pall Corporation (Port Washington, NY).  Table 1 
145 
 
lists the characteristics of the studied MD membrane, including mean pore size, porosity, 
thickness, contact angle and liquid entry pressure (LEP).  ECTFE membrane properties were 
extracted from our earlier publication [12].  PTFE membrane characteristics were measured using 
characterization procedures described in our previous work [12].  













ECTFE 0.2 0.18 0.71 82±15 130±1 330 
PTFE 0.02 0.03 0.76 54±5 153±4 540 
 
5.3.4. Membrane Separation Setup 
The membrane separation experimental setup (used in FO and MD experiments) was 
mainly composed of two 4 L reservoirs, two variable speed peristaltic pumps (Masterflex I/P, Cole 
Parmer, Vernon Hills, IL), two shell and tube titanium heat exchangers (Brazetek, Brooklyn, NY) 
and a computer-connected analytical balance (Mettler Toledo, Columbus, OH).  Fig. 3 depicts the 
experimental apparatus employed in our study.  Heat exchangers were used to adjust the solutions 
temperature.  Heater and chiller oils were pumped through the tube side of the heat exchangers.   
The temperature of the heater and chiller oils were controlled using two circulating baths 
(PolyScience AD07R-40, Niles, IL).  A digital thermometer employing two k type thermocouples 
was used to monitor both streams temperature.  Two conductivity-meters (VWR, Radnor, PA) 
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were installed in both tanks.  Weight change of the tank #1 was recorded by means of the computer-
connected balance regarding water flux measurement.   
 
Fig. 3.  Schematic diagram of the experimental apparatus for FO and MD experiments.  In FO 
experiments, feed PW and DS were placed in tank#1 and tank#2, respectively.  In MD 
experiments, tank#1 was filled with DI water and tank#2 was filled with diluted DS.   
 
5.3.5. Forward Osmosis 
A homemade polycarbonate tangential flow cell providing 33.75 cm2 effective membrane 
area was used as FO membrane module.  CTA membrane coupons were first soaked in DI water 
for 2 h and rinsed with DI water several times.  Then they were installed in the polycarbonate 
membrane module.  Mesh spacers (XN4510, Industrial Netting, Minneapolis, MN) filled the 2 mm 
deep channels on both sides of the membrane cell to improve support and flow turbulence.  PW 
samples (raw or pretreated) were placed in the tank#1 and were recirculated on the active side of 
the FO membrane.  DS was placed in the tank#2 and was recirculated on the support side of the 
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CTA membrane.  Draw and feed solutions were recirculated counter-currently with equal flow 
velocities and were returned to their respective reservoirs.  A range of flow velocities and DS 
temperatures were tested.   
In each FO run, a CTA membrane was first installed in the membrane module.  2 L PPW 
feed and 2 L DS were placed in their respective reservoirs.  Cross-flows of feed and DS were run 
until stable temperatures were attained, while bypassing the membrane module.  After reaching 
the desired temperature, both streams were allowed to pass through both sides of the membrane 
module.  FO experiments were carried out with various temperatures, a range of concentrations of 
sodium chloride in DI water as DS and two real hydraulic fracturing PW as feed solutions.  Table 
A.1 (appendix A) represents the conditions of the FO experiments conducted in this work.   
5.3.6. Membrane Distillation 
Experimental apparatus showed in Fig. 3 was used for DCMD experiments.  A custom-
made PTFE membrane cell with 40 cm2 effective membrane area and 2 mm deep channels was 
used as the MD module.  PTFE spacers (ET 8700, Industrial Netting, Minneapolis, MN) were used 
within the module channels for mechanical support and flow mixing.  Feed water (diluted FO DS) 
was placed in the tank#2 and was recirculated back to its reservoir, bypassing the membrane 
module, until the desired temperature was obtained.  DI water was placed in the tank#1 and the 
same procedure as for the feed was followed, until temperature was stable at 20 ⁰C.  After reaching 
the target temperatures, feed and DI water streams were allowed to flow over the opposite surfaces 
of the membrane at an equal flow rate of 0.9 L min-1 (equal to 16.7 cm s-1 flow velocity).   
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The water flux was calculated based on the rate of increase in the weight of tank#1.  
Experiments were continued until the target water recovery was attained.  DI water conductivity 
was continuously monitored using the conductivity-meter installed in the tank#1 and was kept 
under 50 µS cm-1 to ensure the MD membrane was not wetted.  Wetting (state were liquid water 
crossed the MD membrane) was assumed when the conductivity of the permeate was increased 
rapidly above 50 µS cm-1.  Experimental conditions of the MD experiments conducted here is 
shown in Table A.1. 
5.3.7. Scanning Electron Microscopy (SEM) and Energy-dispersive X-ray Spectroscopy 
(EDX) 
SEM using a Nova Nanolab 200 Duo-Beam (FEI, Hillsboro, Oregon) was used to visually 
analyze the membrane surface before and after FO and MD experiments.  The same equipment 
was used to perform EDX elemental analysis on fouled membrane surface after experiments. 
 
5.4. Results and Discussion 
5.4.1. Wastewater Characterization 
Table 3 gives the characteristics of raw (after screen filtration) and EC-pretreated hydraulic 
fracturing PW samples.  The TDS, TSS, TOC, turbidity and inorganic species in the samples are 
shown.  The TDS of the studied PW samples ranged from 11,341 to 57,523 mg L-1.  Hydraulic 
fracturing PW sample obtained from Marcellus shale (referred to as PW2) shows higher TDS and 
TOC content compared to the sample received from Fayetteville shale (PW1).  PW1 shows higher 
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levels of TSS and turbidity than PW2.  Sodium and chloride account for the majority of the 
dissolved ions in PW1.  In addition to these two ions, calcium is also observed in PW2.  PW1 and 
PW2 contain 111.86 and 6.19 mg L-1 sulfate.  The presence of sulfate can lead to membrane scaling 
due to sulfate salts (e.g. calcium sulfate) precipitation. 
Table 3. Characteristics of raw and EC-pretreated PW samples.  
Parameter Unit 
PW1 
Obtained from Fayetteville shale 
PW2 
Obtained from Marcellus shale 
Raw After EC Raw After EC 
TDS mg L-1 11,341.60 11,212.70 57,523.10 57,193.50 
TSS mg L-1 317.21 13.69 235.06 3.15 
TOC mg L-1 87.27 24.13 139.10 29.57 
Turbidity Ntu 32.10 2.50 86.33 1.74 
Chloride mg L-1 6,550.96 6,672.64 32,871.45 31,694.21 
Sulfate mg L-1 111.86 113.40 6.19 6.12 
Aluminum mg L-1 0.66 1.23 0.29 0.89 
Calcium mg L-1 84.56 80.51 5,261.65 5,058.33 
Iron mg L-1 0.00 0.36 0.85 0.71 
Magnesium mg L-1 35.08 35.98 29.93 34.76 
Potassium mg L-1 24.77 21.75 6.12 4.56 




5.4.2. Electrocoagulation Performance 
Here, EC using aluminum electrodes was used as the pretreatment step prior to FO.  
According to Eqs. (1) to (3) (see section 5.2.1), aluminum and hydroxide ions were released into 
the solution and reacted to form a variety of monomeric (e.g. Al(OH)2+) and polynuclear (e.g. 
Al5(OH)12
3+) species.  By transferring the electrocoagulated water into the separatory funnel and 
allowing the sample to age, these species were converted into amorphous Al(OH)3(s) particles [53].  
Due to their large surface area, Al(OH)3(s) precipitates adsorbed organic compounds, trapped 
suspended particles, formed agglomerated flocs and were separated from the solution by 6 h 
sedimentation.  The remainder of the positively charged aluminum hydroxide species (e.g. 
Al(OH)2
+) contributed to charge neutralization of negatively charged suspended solids and 
destabilization of organic macromolecules and enhanced the contaminate removal [11].  However, 
negatively charged aluminum hydroxide compounds (e.g. Al(OH)4-) restrict the adsorption and 
complexation by charge repulsion [54].   
Performance of the EC process for removing different contaminates was evaluated using 
removal efficiency as following: 
𝑅𝑒𝑚𝑜𝑣𝑎𝑙 𝐸𝑓𝑓𝑖𝑐𝑖𝑒𝑛𝑐𝑦 (%) =
𝑥𝑝𝑤−𝑥𝑟𝑤
𝑥𝑝𝑤
 ꓫ 100      (13) 
where, xpw and xrw are the concentration in the raw PW and recovered water after EC, respectively.  
Removal efficiencies for both wastewaters tested are given in Fig. 4, while the characteristics of 
the pretreated samples are given in Table 3.  As can be seen, TSS and turbidity were removed by 
greater than 90% for both PW samples.  TOC was removed by 72 and 78% for PW1 and PW2, 
respectively.  Minimal TDS removal was observed for both waters.  This is not unexpected given 
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that EC removal mechanism cannot target dissolved inorganic compounds [55].  The removal of 
TSS, TOC and turbidity is higher for PW2 compared to PW1.  The reason for this observation can 
be related to the nature of PW samples since all the EC experiments were conducted at similar 
conditions (2 min reaction at 2.78 mA cm2 current density).  As can be seen in Table 3, almost 
similar amount of aluminum is released into PW1 and PW2 during the EC reaction.   
 
Fig. 4.  Removal efficiency of EC for PW1 (Fayetteville shale) and PW2 (Marcellus shale).  Minor 
TDS removal is observed.  TSS and Turbidity are removed by over 90%.  TOC is removed by 72 






5.4.3. Bassline Experiments 
Baseline FO and MD experiments were carried out employing CTA membrane in FO and 
ECTFE membrane in MD system.  Pretreated PW1 and PW2 were used as the FO feed stream and 
maintained at 20 ⁰C in all experiments.  The MD permeate stream was also maintained at 20 ⁰C.  
A range of concentrations of sodium chloride in DI water were used as the FO DS as well as the 
MD feed stream.  Figs. 5(a) to 5(c) present the permeate flow rate of the CTA and ECTFE 
membranes in FO and MD systems under a variety of experimental conditions.  Dashed lines show 
the modeled results while the symbols give the experimental data.   
Fig. 5(a) gives the variation of permeate flux variation for FO and MD membranes as a 
function of DS temperature.  DS was used as the MD feed stream.  In this set of experiments, all 
flow rates were maintained at 0.7 L min-1 and all experiments were run with an initial DS 
concentration of 4 M (234 g L-1 sodium chloride in DI water).  As can be seen, the MD water flux 
increase exponentially as the feed water temperature increases.  This is not unexpected since 
permeate transport trough the MD membrane is governed by the vapor pressure difference across 
the membrane (see Eq. (8)).  The vapor pressure increases rapidly by increasing temperature, 
resulting in much higher permeate fluxes at higher temperatures [56].  In the case of FO 
experiments with PW1 and PW2 at different DS temperatures, permeate fluxes increased almost 
linearly with increasing temperature.  This is not unexpected as the FO driving force (osmotic 
pressure) is a linear function of temperature.  Zhao et al. [57] report a similar trend.  Predicted 
permeate fluxes were in good agreement with the experimental results.   
Fig. 5(b) gives the permeate flux of FO and MD membranes as a function of circulation 
rate.  In this set of experiments, FO and MD feed temperatures were maintained at 25 and 60 ⁰C, 
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respectively.  In addition, all experiments were run with an initial DS concentration of 4 M.  the 
MD permeate flux increased as the flow rate of feed and permeate increased.  However, this 
increase was not linear.  This observation is due to an increase in the heat transfer coefficient of 
the feed and permeate sides of the MD membrane by reducing the temperature and concentration 
polarization effects.  As the heat transfer coefficient on both sides increases, the temperature at the 
membrane surface approaches the temperature in the bulk solution and higher permeate flux is 
observed due to higher water vapor pressure difference caused by the elevated temperature 
difference across the membrane [47].   
On the contrary, increase in FO permeate flux in very minor compared to MD.  As can be 
seen in Fig. 5(b), for both PW1 and PW2, FO water flux slightly increases by increasing the 
circulation rate.  Increasing the circulation rate from 0.3 to 0.9 L min-1 (equal to 5.5 to 16.65 cm s-
1 cross-flow velocity) resulted in 14% and 8% increase in FO permeate flux when operating PW1 
and PW2, respectively.  This flux enhancement is related to the reduced external concentration 
polarization as a result of the increased mass transfer coefficient at elevated cross-flow velocities 
[58].   
Fig. 5(c) shows the variations in permeate flux for FO and MD membranes as a function 
of DS concentration.  DS is used as the MD feed stream.  FO and MD feed temperatures were 
maintained at 25 and 60 ⁰C, respectively.  All flow rates were maintained at 0.7 L min-1.  It is well 
known that MD can be used for treatment of highly concentrated brines without suffering the large 
drop in permeability observed in other membrane processes such as RO [47].  As can be seen in 
Fig. 5(c), MD permeate flux ranges from 48.9 L m-2 h-1 to 36.5 L m-2 h-1 when increasing the DS 
concentration from 115 to 295 g L-1.  The observed decreased is mainly due to the fact that the 
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increase in MD feed water salinity reduces the partial vapor pressure and consequently, reduces 
the driving force of the MD process [30,47].   
In case of FO with PW1 and PW2, greater permeate flow rate was observed at higher DS 
concentration.  This was due to the increased osmotic pressure difference across the CTA 
membrane when employing a higher DS concentration.  This increase was less significant at higher 
DS concentrations (>200 g L-1).  During all bassline experiments (Figs. 5(a) to 5(c)), PW1 gave a 
higher FO permeate flux range compared to PW2.  The reason for this observation was the 
presence of lower TDS in the PW1 which led to higher osmotic pressure difference across the CTA 
membrane and consequently, resulted in higher permeate flux.  In all cases, the predicted permeate 




Fig. 5.  FO and MD baseline results. DS was used as MD feed solution.  a) water flux as a function 





5.4.4. Actual Forward Osmosis-Membrane Distillation Runs 
A second set of FO-MD experiments was carried out in concentration mode using EC-
pretreated PW1 and PW2 as the FO feed water and a range of sodium chloride concentrations in 
DI water (2, 3.5 and 5 M) as the DS.  Diluted DS during each FO experiment was then used as the 
MD feed water.  All flow rates were adjusted at 0.7 L min-1.  FO and MD temperatures were 
adjusted at 25 and 60 ⁰C, respectively.  Fig. 6(a) depicts the variations of model and experimental 
FO permeate flux as functions of recovered permeate volume for PW1 and PW2.  Water recovery 
is shown in the secondary horizontal axis.  2.0 M DS concentration was used as the FO draw 
solution.   
As can be seen in Fig. 6(a), permeate fluxes decreased as the collected permeate volume 
increased.  PW1 and PW2 were continuously concentrated in the FO process, while the DS was 
continuously diluted by permeate cross-over from feed to DS.  Thus, the observed decrease can be 
directly linked to a decrease in driving force (osmotic pressure).  PW1 showed a higher permeate 
flux compared to PW2 due to the presence of less dissolved solids.  PW1 was concentrated up to 
80%, while PW2 only achieved 31% recovery and permeate flux dropped to zero upon collection 
of 620 ml permeate.  This is not unexpected given the TDS content of PW2 and DS should be 
almost the same after over 30% permeate recovery, resulting in almost zero osmotic pressure 
difference across the membrane.   
As can be seen, model and experimental FO permeate fluxes were in good agreement.  
SEM images taken from the CTA membrane surface before and after the FO experiment (see Fig. 
6(a)) are shown in Fig. 7(a) and 7(b), respectively.  As can be seen, minimal fouling was observed.  
Diluted DS during FO experiments with PW1 and PW2 were regenerated in the MD system.  Fig. 
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6(b) shows the variation of MD permeate flux as a function of recovered permeate volume for 
diluted DS.  Diluted DS were concentrated up to 2.0 M.  As can be seen, both water fluxes decline 
during the collection of permeate due to concentration of MD feed. Final MD permeate fluxes for 
both samples were ⁓46.5 as both diluted DS were concentrated up to 2.0 M. 
Figs. 6(c) and 6(e) give the FO water flux as a function of both permeate volume and 
recovery rate when treating PW1 and PW2 using 3.5 and 5.0 M sodium chloride in DI water as 
DS, respectively.  Similar to the case of 2.0 M DS, PW1 gave a higher permeate flux range 
compared to PW2 due to the presence of less dissolved solids.  As can be seen, the FO permeate 
flux increased with increasing sodium chloride concentration in the DS.  PW2 was concentrated 
54 and 67% using 3.5 and 5.0 M DS, while PW1 was concentrated up to ⁓85% in both cases.  This 
results confirms the necessity of using high concentration DS (high osmotic pressure) for achieving 
higher recovery rates when treating PW containing high levels of dissolved solids (e.g. >57 g L-1).   
Figs. 6(d) and 6(f) show the MD water flux as a function of permeate volume for diluted 
3.5 and 5.0 M DS.  MD water fluxes decline during the collection of the permeate due to the 
increase in MD feed concentration.  Diluted DS samples were concentrated back to their original 
concentrations.  Comparing Figs. 6(b), 6(d) and 6(f), MD permeate fluxes in each figure achieve 
similar values.  As can be seen in Figs. 6(a) to 6(f), the estimated permeate fluxes were in excellent 




Fig. 6.  FO-MD experiments for PW1 and PW2 using CTA (FO) and ECTFE (MD) membranes.  
Flow rates were adjusted at 0.7 L min-1.  FO and MD temperatures were adjusted to 25 and 60 ⁰C, 
respectively.  a, c and e) FO permeate flux as a function of permeate volume collected as well as 
the recovery rate for 2, 3.5 and 5 M NaCl in DI water as DS.  b, d and f) MD permeate flux as a 





Fig. 7.  SEM images taken from a) CTA membrane feed side (active side), b) CTA membrane DS 
side after FO experiment with PW2 using 2 M sodium chloride in DI water as DS, c) ECTFE 
membrane after DCMD experiment concentrating the diluted DS up to 2.0 M and d)  ECTFE 
membrane after DCMD experiment concentrating the diluted DS up to 5.0 M.   
 
5.4.5. Long-term EC-FO-MD  
Long-term FO-MD experiments were carried using PW1 and PW2.  Both samples were 
pretreated using the EC process described (see section 5.3.2) prior to FO-MD experiments.  FO 
experiments for treating PW1 was performed employing 2.0 M sodium chloride in DI water as 
DS.  All experiments were repeated for four times.  After each FO run, the diluted DS was 
regenerated using the MD system using ECTFE membrane (experimental conditions shown in 
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Table A.1).  Fig. 8(a) depicts the FO permeate flux as a function of collected permeate volume, 
while Fig. 8(b) shows the corresponding MD permeate flux.  Modeled permeate fluxes are also 
shown.  As can be seen, both FO and MD fluxes decrease as the collected permeate volume 
increases.  MD permeate fluxes in the range of ⁓45 to 50 L m-2 h-1 are observed.  Good agreement 
between experimental and modeled FO fluxes are observed.  However, experimental MD fluxes 
deviate from the estimated data in the third and fourth runs.  The reason for this observation could 
be membrane scaling, changes in membrane properties and adsorption of organics on membrane 
surface.  However, SEM images taken of the surface of the tested ECTFE membrane showed 
minimal fouling/scaling.  TOC content of the DS and MD permeate solutions were measured after 
the fourth run.  Concentrated DS after fourth run contained 16.1 mg L-1, while the MD permeate 
contained 4.6 mg L-1 TOC.   
 
Fig. 8.  Long-term FO-MD experiment with pretreated PW1 using 2.0 M sodium chloride in DI 
water as DS.  a) FO permeate flux as a function of cumulative permeate volume, b) MD permeate 
flux as a function of cumulative permeate volume.   
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 A second long-term EC-FO experiment was carried out using pretreated PW2 as 
feed and 5.0 M sodium chloride in DI water as DS.  Experiment was repeated four times.  After 
each FO experiment, diluted DS was re-concentrated using MD.  Figs. 9(a) and 9(b) give the model 
and experimental permeate flux for FO and MD as a function of cumulative permeate volume, 
respectively.  As can be seen, a similar FO permeate flux trend to the case of PW1 is observed.  
Model and experimental FO flux data are in good agreement.  Minor localized fouling was 
observed on the CTA membrane surface.  EDX analysis of the FO membrane surface is shown in 
Fig. 10.  As can be seen, sodium chloride scale accounts for majority of fouling.  Carbon and 
oxygen peaks, indicating the structure of CTA polymer were observed.  These two peaks could 
also be attributed to the organic species adsorbed on the membrane surface.   
Fig. 9(b) gives the MD permeate flux as a function of cumulative permeate volume.  MD 
permeate fluxes deviated from the estimated curves in third and fourth runs.  Membrane wetting 
was observed in the fourth MD run.  As can be seen in Fig. 9(b), a concurrent rapid increase in 
MD permeate flux and MD permeate conductivity was observed in the fourth run, denoting 
membrane wetting.  Membrane wetting may be due to crystal/scale growth within the membrane 
pores in high TDS concentration (up to 292 g L-1).  The MD experiment was repeated using 177 g 
L-1 sodium chloride in DI water as feed solution and was concentrated up to 293 g L-1 (~5.0 M) 




Fig. 9.  Long-term FO-MD experiment with pretreated PW2 using 5.0 M sodium chloride in DI 
water as DS.  a) FO permeate flux as a function of cumulative permeate volume, b) MD permeate 





Fig. 10.  EDX elemental analysis of the CTA membrane surface after four FO runs with PW2 as 




In order to mitigate membrane wetting during DS re-concentration in long-term 
experiments, a two membrane scenario was designed.  In this set of experiments, two MD 
membranes were used for DS regeneration.  ECTFE membrane was used for concentrating a 
simulated dilute DS, containing 177 g L-1 sodium chloride in DI water, up to 250 g L-1 and PTFE 
membrane (0.02 µm nominal pore size, see Table 1) was used to concentrate the DS from 250 to 
293 g L-1 (~5.0 M).  Experiments were repeated for six times.  Permeate flux results as well as MD 
permeate conductivity throughout the experiment are shown in Fig. 11.  As can be seen, wetting 
was successfully mitigated in this round of experiments.   
 
Fig. 11.  Long-term FO-MD experiment with pretreated PW2 using 5.0 M sodium chloride in DI 
water as DS.  MD permeate flux as well as permeate conductivity as functions of cumulative 
permeate volume. ECTFE membrane was used to concentrated the simulated DS up to 4.3 M.  








The results reported in this work indicate the potential of FO-MD integration for 
sustainable water recovery from high TDS produced waters.  If appropriately chosen, a 
pretreatment system (e.g. EC) can significantly aid in fouling mitigation and achieving stable 
performance.  Here, we showed that EC pretreatment led to TOC, TSS and turbidity removal of 
up to 78, 96 and 95%, respectively.  Among different experimental conditions, temperature 
presented the most significant impact on increasing FO and MD water flux in short-term 
experiments.   
Selection of DS concentration depends on a number of factors including feed water salinity 
content and target water recovery.  Use of 2.0 M sodium chloride in DI water as DS resulted in 
76% water recovery from PW1 (TDS=11.2 g L-1) and 30% water recovery from PW2 (TDS=57.2 
g L-1).  Increasing the DS concentration to 5.0 M significantly increased the water recovery for 
PW2, while this increase for PW1 was less than 10%.  Long-term FO-MD experiments with PW1 
using 2.0 M DS concentration, CTA membrane in FO module and ECTFE membrane in MD 
module was performed over 4 cycles.  Long-term experiment with PW2 using 5.0 M DS 
concentration failed at the 4th cycle due to MD membrane wetting.  This problem was overcome 
using 2 separate membranes in the MD regeneration steps.  ECTFE membrane was used to provide 
high flux and concentrate the diluted DS up to 4.2 M, while the PTFE was used to further 




Table. A.1. FO–MD experiments conducted. 
Experiments Feed Permeate 
Temperature 
(⁰C) 
Flow rate      
(L min-1) 
Length of experiment 
Bassline 1.1 
FO PW1 & PW2 4.0 M DS 25 - 75 0.7 30 min after stabilization 
MD 4.0 M DS DI Water 25 - 75 0.7 30 min after stabilization 
Bassline 1.2 
FO PW1 & PW2 4.0 M DS 25 0.3 -0.9 30 min after stabilization 
MD 4.0 M DS DI Water 60 0.3 -0.9 30 min after stabilization 
Bassline 1.3 
FO PW1 & PW2 2.0-5.0 M DS 25 0.7 30 min after stabilization 
MD 2.0-5.0 M DS DI Water 60 0.7 30 min after stabilization 
Short-term 1.1 
FO PW1 & PW2 2.0 M DS 25 0.7 Up to maximum FO recovery 
MD Diluted 2.0 M DS DI Water 60 0.7 Concentrating diluted DS up to 2.0 M 








Table. A.1. FO–MD experiments conducted (cont.) 
Experiments Feed Permeate 
Temperature 
(⁰C) 
Flow rate      
(L min-1) 
Length of experiment 
Short-term 1.2 MD Diluted 3.5 M DS DI Water 60 0.7 Concentrating diluted DS up to 3.5 M 
Short-term 1.3 
FO PW1 & PW2 5.0 M DS 25 0.7 Up to maximum FO recovery 
MD Diluted 5.0 M DS DI Water 60 0.7 Concentrating diluted DS up to 5.0 M 
Long-term 1.1 
FO PW1 2.0 M DS 25 0.7 4 runs, each up to maximum recovery 
MD Diluted 2.0 M DS DI Water 60 0.7 
4 runs, concentrating diluted DS up to 
2.0 M 
Long-term 1.2 
FO PW2 5.0 M DS 25 0.7 4 runs, each up to maximum recovery 
MD Diluted 5.0 M DS DI Water 60 0.7 
4 runs concentrating diluted DS up to 
5.0 M, 4th experiment failed due to 
wetting 
Long-term 1.3 MD Diluted 5.0 M DS DI Water 60 0.7 
6 successful runs, concentrating diluted 
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Chapter 6: Conclusions and Future Directions 
6.1. Conclusions 
Treatment of high salinity produced waters often involves maximizing water recovery in 
order to minimize the volume of concentrated brine that has to be transported to a centralized 
treatment or disposal facility.  The concentrated brine can also be sent to a crystallization unit for 
zero liquid discharge scenarios.  Membrane distillation can be used to concentrate the wastewater 
to close to the solubility limit of the dissolved salts in the water.  However, it is likely that an 
optimized process will be a multistep process.  As the total dissolved solids (TDS) of the feed 
increases, lower flux membranes with larger thickness and smaller pore sizes will be required in 
order to prevent breakthrough the of the feed solution.   
For real feed streams containing surfactant and other dissolved organic compounds, either 
pre-treatment or optimized membrane surface properties will be required in order minimize flux 
decline due to membrane fouling as well as early breakthrough of the feed due do adsorption of 
surfactant molecules onto the membrane surface.  The results obtained here indicate the utility of 
defining an appropriate bulk membrane structural parameter that can provide insights into 
expected membrane performance when tested with low fouling model feed streams.  Under these 
conditions, bulk membrane properties such as pore size, tortuosity and thickness will have a greater 
effect on membranes performance compared to surface properties such as hydrophobicity and 
roughness.   
The results reported in this dissertation indicate the importance of pretreatment prior to 
membrane distillation when treating high salinity produced waters.  Actual produced water streams 
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can lead to severe membrane fouling and consequent drop in water recovery due to containing 
hydrophobic suspended and dissolved organics.  If appropriately designed, pretreatment could 
successfully mitigate fouling and wetting during treatment of real produced waters.  We show that 
electrocoagulation could effectively remove most contaminations, except for TDS, from produced 
water samples obtained from natural gas extraction facilities in Marcellus Shale.  Maintaining a 3 
A current in the electrocoagulation reactor for 30 seconds, turbidity, total suspended solids (TSS) 
and total organic carbon (TOC) were removed by 96, 91 and 61%, respectively.  Higher removal 
of contaminates such as TSS and TOC resulted in lower membrane fouling as well as lower water 
flux decline in membrane distillation.   
Using resistance in series modeling for membrane permeability, considering a fouling layer 
permeability coefficient, water flux of membrane distillation system for pretreated high TDS 
produced water was accurately estimated.  Pretreated produced water was concentrated up to 265 
g L-1 in a continuous direct contact membrane distillation process for over 434 h reporting stable 
water flux.  However, we indicate that even small levels of organic content could result in 
membrane fouling in longer experimental runs.   
The application of forward osmosis for concentration of synthetic and actual high salinity 
produced waters was investigated.  We show that significant fouling and consequently, a drop in 
flux will occur when treating actual hydraulic fracturing produced waters due to the presence of 
high values of TOC and TSS.  It is shown that the feed water pretreatment will be essential if 
membrane-based separation processes such as forward osmosis are to be used to treat these highly 
impaired waters.  We show that electrocoagulation prior to forward osmosis significantly reduces 
membrane fouling.  Though sodium chloride is used in this research as the draw solute, 
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development of an actual combined electrocoagulation-forward osmosis process will require the 
use of a draw solute that can be economically recovered.  Further, crossover of the draw solute 
into feed will affect the viability of the process.  We show that for a reaction time of two min as a 
pretreatment step, over 70% reduction of TSS, TOC and turbidity results in electrocoagulation.  
Over a 24 hour period, suppression in fouling due to this pretreatment, leads to close to 21% 
increase in water recovery.  In addition, the forward osmosis permeate flux may be predicted by 
using a resistance in series model to account for internal and external concentration polarization 
as well as fouling of the membrane barrier layer by adsorbed species in the produced water.  The 
economic feasibility of the process will depend on the cost of the recovered water, membrane 
lifetime and recovery and reuse of the draw solute. 
The feasibility of an integrated forward osmosis-membrane distillation system for water 
recovery from actual high salinity produced waters obtained from hydrocarbon extraction facilities 
at Marcellus and Fayetteville Shales has been demonstrated.  In the proposed hybrid system, 
forward osmosis draws water from a high salinity feed, while membrane distillation regenerates 
the diluted draw solution and re-concentrates it back to its original concentration.  We show that 
this process integration can combine the advantages of both processes; low fouling tendency 
membrane facing the majority of foulants and production of high quality permeate.   
Selection of draw solution concentration depends on a number of factors including feed 
water salinity content and targeted water recovery.  Utilization of 2.0 M sodium chloride in DI 
water as forward osmosis draw solution resulted in 76% water recovery from an actual produced 
water sample containing 11.2 g L-1 TDS and 30% water recovery from a second produced water 
sample with TDS content of 57.2 g L-1.  Increasing the draw solution concentration to 5.0 M 
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significantly increased the water recovery for the higher concentration feed water, while this 
increase for produced water containing 11.2 g L-1 TDS was less than 10%.  Long-term integrated 
experiments with lower concentration produced water sample using 2.0 M draw solution, CTA 
membrane in FO module and ECTFE membrane in MD module, was successfully performed over 
4 cycles.  However, we showed that for higher concentration feed waters, a combination of two 
membranes with different tolerance for TDS are required in order to complete long-term cyclic 
experiments without breakthrough during membrane distillation.   
6.2. Future Directions 
Future work could be focused on development of anti-fouling hydrophobic membranes for 
membrane distillation.  This research indicated the necessity of rigorous pretreatment prior to 
membrane distillation regarding fouling mitigation.  Development of fouling resistant membranes 
can lead to significant capital and operational cost savings by pretreatment minimization.  In 
addition, extended research on membrane distillation module design is required in order to 
integrate and maximize the use of low-grade waste heat as energy source.  Moreover, the 
possibility of hydrophobic membrane regeneration after loss of anti-wetting characteristics 
(decrease in contact angle and liquid entry pressure) in membrane distillation operation can be 
investigated. 
The application of hybrid forward osmosis-membrane distillation system can be extended 
to a variety of areas such as food and dairy industry.  In addition, this integration can be 
investigated for production of ultra-pure water.  Moreover, the possibility of using novel draw 
solutions such as thermolytic salts in this hybrid process can be studied. 
